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ABSTRACT

Commercial energy demand is largely met by fossil fuels globally. Burning of
fossil fuel causes huge carbon emissions, which have created environmental
menace due to ever increasing human population. Therefore, alternative energy
production using renewable resources are considered a key player in minimizing
the dependence on fossil fuels. Hydrogen is considered as a feasible alternative
to fossil fuel. “Hydrogen” contains the highest energy to weight ratio with nearly
three times the energy content of gasoline and diesel. Hydrogen can be used as a
fuel in polymer electrolyte membrane (PEM) fuel cells that have potential to
substitute internal combustion engines to provide on-board power for portable
power generators and vehicles. However, storage and distribution of hydrogen is
a major problem for fuel cell based stationary or mobile power generators. ‘In-
situ’ generation and separation of hydrogen through ‘membrane reformers’ using

steam reforming of alcohols can be a possible solution for this problem.

Membrane reformers couple reaction and separation in a single unit. However,
achieving high hydrogen purity and high hydrogen flux through membrane
reformer is a major challenge. The current work provides a comprehensive study

on membrane reformer.

In the newly designed membrane reformer, hydrogen separation was carried out
by wusing palladium based membranes to achieve high purity. Pd-based
membranes supported on porous SS (PSS) and ceramic tubes were synthesized

using electroless deposition until a dense (non-porous) surface morphology was
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achieved. Membrane deposition was carried out for three combinations a) pure
Pd, b) 90%Pd-10%Ag and c) 90%Pd-8%Ag-2%Au. Surface characterizations
were performed with FESEM-EDX and AFM. Room temperature testing of the
synthesized membrane was performed using bubble point methanol with argon
as the purging gas inside the membrane dipped in water at different pressures.
Further, the testing of prepared membranes were conducted with simulated
compositions of reformate to determine membrane perm-selectivity as a
separator for PSS as well as ceramic supported membranes to achieve high

hydrogen purity.

Subsequently, ~membrane separator design was evaluated with the
implementation of multi-pass inside it to achieve high hydrogen flux. Gas
permeation studies were carried out using 50H2:50N, (v/v) feed composition for
single and multiple membranes placed at different locations inside the multi-pass
membrane separator. The best arrangement was then tested using a mixture
composition such as 50H2:30N2:18C0,:2CO (v/v) that simulates a synthetic

reformate mixture from methanol steam reforming.

Hydrogen generation was targeted with methanol steam reforming in a fixed bed
reactor with different catalysts for variable temperature (150 to 400°C), feed rate
and methanol to steam compositions. Reaction testing was performed with
mono-metallic (Cu, Ni, Pd, Ru, Fe) and bimetallic (Cu-Fe, Ni-Fe, Ru-Fe, Cu-Ni
and Cu-Ru) catalysts supported on alumina-zinc-zirconia composite. In
bimetallic catalysts, Fe as a promoter was investigated to enhance hydrogen
production rate as well as to determine its feasibility in inhibiting CO generation

vi
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even at high temperatures. Reaction performance was supported with material
characterization tools such as XRD, TPR, TEM, FT-IR, TGA, DRIFT and
Chemisorption. For the optimal catalyst, reaction mechanism was proposed and
its long-term stability testing for 100 hours was carried out in order to confirm its

viability for membrane reformer integration.

Finally, synthesized catalyst and prepared membrane are integrated in a single
assemble, membrane reformer, and tested. The performance of in-house built
membrane reformer was compared with commercially available membrane
reformer unit “ME-100®" from REB Research and Consultancy, USA. The
commercial unit comprise of an in-built reactor with 100 pm thick self-supported
dense Pd-Ag membrane and a proprietary WGS catalyst. Experiments were
performed to optimize the following parameters: a) feed composition (varied in
the molar ratio of 1:1 to 1:18 methanol: water) b) temperature (between
623-723K) and c) pressure (between 3 and 5 bar). With the optimized operating
conditions, the in-house developed membrane reformer was compared. Further,
multiple membrane integration studies were also carried out to determine the
maximum hydrogen flow rate in permeate of membrane reformer without

compromising the purity of hydrogen.

vii
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Chapter 1

Introduction

Abstract

This chapter discusses an overview of membrane reformers as ‘on-board’ hydrogen
production units. In this study, membrane reformer/reactor (MR) integration using
methanol steam reforming and palladium-based alloyed membranes is presented. A few
major outcomes and challenges with MRs are also discussed. Lastly, the objectives of the

thesis are highlighted followed with the structure of thesis.

1.1 Introduction

1.1.1 Hydrogen energy

Depleting fossil fuels directs the fuel economy to grow towards hydrogen. Hydrogen is
the lightest element and possesses the highest energy-to-weight ratio, nearly three times
the energy content of gasoline and diesel. It not only minimizes the dependence on fossil
fuels but is also known as a clean-efficient energy carrier. This is because combustion of
hydrogen to produce power releases only water as by-product. As an automotive fuel,
burning of hydrogen in an internal combustion engine results in NOx formation and
reduced power output particularly because of low volumetric density of hydrogen [1].
However, if converted to electrical energy using a fuel cell, the efficiency increases by
30% [2]. It facilitates power generation without putting much of CO, to the environment.
The ‘holy grail’ of hydrogen fuel as energy carrier lies in its storage and transportation.

Traditionally stored in compressed cylinders or as liquid in cryogenic containers,
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hydrogen poses a safety threat due to its low volumetric density. In addition, it is highly
challenging to compress hydrogen gas from 5,000 psi to 10,000 psi which is required for
liquefying it [3]. Hydrogen can also be stored as metal hydrides and as a cryogenic liquid.
Metal hydrides have low mass energy density which makes vehicles much heavier and
less efficient than comparable gasoline wvehicles. Further, cryogenic storage of liquid
hydrogen for automotive incurs significant losses as 10-25% of fuel boils off during re-
fuelling [4]. This brings huge capital costs, low energy content per unit volume, high
tankage weights, and high storage vessel pressures. In order to abate these, ‘on-board’
generation of hydrogen seems to provide a feasible solution to storage. On-board
hydrogen generators can further be integrated with polymer electrolyte membrane (PEM)
fuel cells for power generation. A critical challenge in this integration is that PEM fuel
cell requires hydrogen of 99.999% purity with CO content less than 1 ppm. This
necessitates hydrogen separation from the amount generated to become an integral part of
on-board hydrogen production unit. Moreover, generation and separation of hydrogen in

a single unit should be compact for on-board applications.

1.1.2 Hydrogen generation

Hydrogen is a carrier; and its generation is usually accomplished using methane,
gasoline, methanol, ethanol, coal and water as feed stock, by processes such as steam
reforming, coal gasification, electrolysis and cracking. Depending on their stoichiometry,
these processes when carried out in their respective operating conditions produce H-
accompanied with by products such as CO, CO,, Oz, CaHs, or CH3CHO. Industrially,
hydrogen generation is mostly carried out using methane steam reforming as shown in
Fig. 1. However, temperature requirements for methane steam reforming are very high

2
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(~850°C) to obtain a desirable conversion [5]. Further, low volumetric density of
methane at ambient temperature and pressure provides substantial challenge in its storage
and hence makes it unsuitable for on-board applications [6]. Furthermore, hydrogen can
be generated through coal gasification. Coal is an abundant fossil fuel resource and is
utilized for hydrogen production by reacting it with steam under high temperatures and
pressures to form synthesis gas. However, hydrogen production using coal is an
expensive process as most fossil fuels contain 0.5 to 5% total sulphur [7], removal of
which is a significant challenge. Another promising technology for hydrogen generation

is water electrolysis.

Water
Elelctrolysis 4%

Fig. 1.1 Hydrogen generation processes (adapted from [8])

Since the 1920s, electrolysis has been used with water as feedstock to produce hydrogen
industrially. 1t is a process which utilizes electricity to break the chemical bonds present

in water molecule into hydrogen and oxygen. The energetic efficiency of electrolysis is

3
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mostly between 50-70% [9]. High electricity consumption (4.5-5kW/m*H,) makes this
process unsuitable for commercial hydrogen production [10]. Similar economically
competitive hydrogen production process is direct methane cracking which has met huge
interests due to increasing demand of CO free hydrogen. This reaction essentially
produces hydrogen and filamentous carbon or carbon nanotubes. However, in order to
achieve a reasonable yield, a temperature higher than 1200°C is required [11, 12]. In
contrary to these processes, steam reforming of methanol is considered energy efficient
with product gas containing 75% H, at relatively low reforming temperature (250-
350°C). This is because there is no C-C bond cleavage in methanol steam reforming [13,
14]. In addition to methanol, ethanol and glycerol are also investigated widely for
hydrogen production [15]. Though hydrogen yield through ethanol and glycerol is higher
than methanol, the amount of CO generation and coke formation is also high. In order to
minimize CO in the reformate stream, primary fuel can be combined with oxygen.
Oxygen mixed with steam and hydrocarbon will result in heat from partial oxidation to
provide heat for steam reforming reaction. This process is called as auto-thermal
reforming [16]. In this method, careful control of oxygen content is essential to maintain

the proper reaction temperatures thereby making it unsuitable [16].

A comparison between the energy efficiency of system with steam reforming of diesel,
methanol and ethanol was recently reported [8] as shown in Fig. 2. In this study,
methanol was reported to have maximum energy efficiency (~35%) followed with
ethanol and diesel. It was reported that using ethanol, high conversion efficiency between
350-450°C can be achieved in comparison to methanol but the conversion products

include acetaldehyde and methane besides hydrogen and CO/CO,. Hence, higher
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conversion does not necessarily imply high hydrogen production rate [8]. Based on this
analysis, hydrogen production using methanol steam reforming appears to be the

optimum choice for on-board hydrogen generation.

40

methanol
® ethanol
A— diesel
30 H
X
()
@
k) ¢
S 20 q
=
b ke
> A A A
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g 10 A
- °
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Temperature/ °C

Fig. 1.2 Energy efficiency of systems employing steam reforming of methanol, ethanol and

diesel to generate hydrogen (adapted from [8])

The reaction products using methanol steam reforming stoichiometrically include only
CO; and H,. However, CO formation has also been widely reported during the steam
reforming of methanol due to methanol decomposition or reverse water gas shift reaction.
In order to feed hydrogen to fuel cell for power generation, separation of hydrogen from
CO and CO; is essential. The Pt-catalyst loaded on the anode of Proton Exchange
Membrane (PEM) fuel cell requires feed that includes only dry H, typically of purity
>09.999% [17]. Therefore, to obtain high purity hydrogen, effective separation of

hydrogen from reformate mixture is vital.
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1.1.3 Hydrogen separation

Gases can be purified through several techniques, such as pressure swing adsorption
(PSA), temperature swing adsorption (TSA), cryogenic distillation and membrane
separation. The separation methods mostly rely on either differences in physical
properties (e.g., boiling point, size, solubility) or differences in chemical properties using
sorbents with strong chemical interactions. Amongst physical separation techniques, PSA
has been used for the past few decades in the chemical industry to carry out bulk gas
separation and purification steps due to high selectivity, high throughput and high energy
efficiency[18]. PSA operation involves the preferential adsorption of a species from a gas
mixture at high pressure (10-40 bar) until equilibrium loading. Desorption is then carried
out at nearly ambient pressure which regenerates the column. Adsorbents such as
activated carbon, zeolites and carbon molecular sieves are extensively used for H;
recovery from fuel gas, air separation and landfill gas separation respectively. Faster
cycle times, lower size of equipment and thus lesser inventory of adsorbent makes PSA
more attractive for bulk separation and purification in situations where adsorptive forces
are relatively weak [19]. PSA process features very high product purity (99 % +) but
moderate hydrogen recovery (65-90%). A continuous countercurrent process is mostly
employed to maximize mass transfer and enhance recovery. In a similar manner,
temperature swing adsorption is operated in cyclic batch mode, with at least two
adsorbent beds: one for adsorption and the other for regeneration. Since adsorption is
carried out at near ambient conditions, a portion of weakly adsorbing gas/hot inert purge
or steam is used for regeneration. The main drawback of TSA is the long cycle time for

bulk separation [20] compared to PSA. This is because increasing pressure does not take
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time while changing temperature does. Further, long cycles in TSA mean large bed
lengths, and therefore, large quantity of adsorbents; and if mass transfer zone is short, it
leads to ineffective utilization of adsorbent. Further, PSA require very high pressure

which is not desirable for on-board applications as it adds weight on the vehicle.

Another widely used method of separating fluid mixtures is cryogenic distillation
process. The cryogenic process is a low temperature separation process which uses the
difference in boiling temperatures of the feed components to effect the separation.
Hydrogen has a high relative volatility compared to hydrocarbons. However, if the feed
contains significant amounts of carbon monoxide (CO) and carbon dioxide (CO3), a
methane wash column is required to reduce the levels of these gases [21, 22]. Higher
hydrogen recovery at moderate hydrogen purities (99%) is possible with a cryogenic
system; however, very high hydrogen purity is not practical [23]. Further, it consumes a

considerable amount of energy [21].

Apart from PSA, TSA and cryogenic distillation, membrane separation techniques have
attracted wide interest. Membranes are barriers which, because of their physical nature,
allow only selected materials to permeate across them. Some advantages of the
membrane separation process over mature and commercially available technologies such
as PSA and cryogenic distillation are as follows: ease of operation, low investment cost,
low energy consumption, compact and cost effectiveness even at low gas volumes. They
are classified based on their nature, geometry and separation regime such as organic,
inorganic and  inorganic/organic  hybrids. Membranes can be homogeneous or
heterogeneous, symmetric or asymmetric in structure; solid or liquid (organic thin layer) ;
can possess positive or negative charge; and can be neutral or bipolar. But in all cases, the

;
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major driving force that is applied to induce permeation through the membranes includes

either a gradient of pressure or gradient of concentration or electric potential.

Separation of gases using membranes is a concentration driven process, ie. directly
related to the partial pressures of the gas species. Therefore, it is the pressure differential
between the feed and permeate side that directly affects the effective performance of the
membrane. Membranes comprise of organic such as polymeric membranes and inorganic
membranes that can be of ceramic, glass or metal. Majority of industrial membrane
processes are made up of either natural polymeric membranes such as wool, rubber
(polyisoprene), cellulose or made up of synthetic polymers comprising polyamide,
polystyrene  and  polytetrafiuoroethylene  (Teflon).  Polymeric  membranes  are
commercially emphasized to be very attractive with respect to its ease of processability,
low operating temperatures and reasonable costs [24] However, the low solubility of
hydrogen in polymeric membranes limits the rate of H, permeation fluxes. Also, high
temperature  instability problems especially in membrane reactors for hydrogen
generation impede polymeric membranes feasibility [25]. In contrast to polymeric
membrane’s chemical and thermal instability, susceptibility to chemical attack, inorganic
membranes are proposed to give much higher fluxes having operational stability and
inertness to different conditions of temperature and chemical environment [26]. Transport
through these membranes depends on whether the structure is porous or dense. The
transport of gases through porous membranes may take place through any of the possible

routes mentioned below:

a) Knudsen diffusion: When pore diameter dy is smaller than the mean free path of the

gas molecules A, collisions between the gas molecules and the pore walls predominate
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so that the transport of gas molecules is controlled by the thermal mean velocity of

the gas molecules [27, 28].

b) Surface diffusion: It involves adsorption of permeating molecules on the surface

(etther physisorption or chemisorption) and migration along the surface.

c) Capillary condensation: It favour the transfer of relatively large molecules that

condense within the pores due to capillary forces.

d) Molecular sieving: The pore diameter is very small so that it only allows the
permeation of very small molecules and prevents larger molecules from passing

through.

e) Poiseuille (viscous) flow: This occurs when the average pore diameter is bigger than

the average free path of fluid molecules; such flow results in no separation [29].

f) Multi-layer diffusion: It results from strong molecule-surface interaction, and is
considered an intermediate flow regime between surface diffusion and capillary

condensation.

Contrary to porous membranes, dense membranes are non-porous, uniform and should be
defect free for high hydrogen selectivity. Transport through dense membranes occurs by
solution-diffusion mechanism wherein the gas dissolves in the membrane material and
then diffuses through the membrane down a concentration gradient [30, 31]. This
mechanism is driven by a difference in thermodynamic activity at the upstream and

downstream faces of the membrane, as well as the interaction forces between the
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molecules of the membrane matrix and the gases [32, 33]. The activity difference causes

a concentration gradient that leads to diffusion in the direction of the reduced activity.

Among the several separation techniques discussed such as pressure swing adsorption

(PSA), cryogenic distillation and membrane separation, membranes are widely preferred

as it minimizes the energy consumption. Further, it also makes the system compact.

A comparative representation of various membrane types used for hydrogen separation is

provided in Table 1.1. Thus, on the basis of compactness and high hydrogen selectivity as

shown in Table 1.1, dense metallic membranes are considered a suitable choice for

hydrogen separation. Metallic membranes of metals belonging to group 10 and some in

groups 3-5 of the periodic table have the ability to dissociate and dissolve hydrogen.

Table 1.1 Overview of hydrogen separation techniques [10, 24, 34-36]

Adsorbent or

Separation . . Pore Size .
Separation Principle Purity (%
Processis Memb_rane p p (nm) ty (%)
Material
Pressure_ Swing C_arbon Molecular Pressure driven 0.4-0.9 99.99
Adsorption Sieves
Temperature
. Carbon Molecular .
Swing i Temperature driven 0.4-0.9 -
. Sieves
Adsorption
Dense metallic Solutlon_ diffusion Non-porous 99999
Membrane Gas Mmembrane mechanism
Separation Dense polymeric Solution diffusion
. Non-porous  Low
membranes mechanism
Differing
Cryogenic . condensing/boilin Above 99%
'ry.g . -not required- . g . g - ’
Distillation points of the individual [21]
components
10

TH-1764_126107017



This property enables metallic membranes, especially palladiunm/palladium alloy
membranes, to transport hydrogen with an outstanding ability due to higher hydrogen
solubility over a wide range of temperature [30, 37-39]. Further, palladium has a higher
phase transition temperature compared to other metals belonging in the same group [39,
40]. These properties and infinite hydrogen selectivity therefore make palladium

membranes an ideal choice for hydrogen separation for ‘on-board’ applications.

1.2 Membrane reformers

Membrane reformers integrate hydrogen generation with simultaneous separation in a
single unit. Using high energy density alcohols such as methanol, these membrane
reformers are employed ‘on-board’ to produce high purity hydrogen for small scale
vehicles, batteries and portable generators. Membrane reformers are especially
advantageous for reactions limited by thermodynamic equilibrium such as steam
reforming of methanol, as they can improve the reactant conversion by selective removal
of hydrogen from the produced mixture. According to Le Chatelier’s principle,
continuous removal of Hy shifts the equilibrium in the forward direction resulting in
enhanced conversion. Moreover, increase in conversion increases the trans-membrane
hydrogen partial pressure difference which results in better hydrogen permeation.
Further, being an integrated assembly, membrane reformer does not require a dedicated
separation unit which significantly reduces the size of the system and minimizes the
downstream processing cost and product losses. This makes the membrane reformer more

economical for commercial applications [3, 29, 41].
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Integrated reaction-separation was first proposed by Professor Viadimir Gryaznov
(Moscow University) in the year 1964. He proposed a method to carry out simultaneous
evolution and consumption of H, in a dense tubular palladium membrane reactor where
Pd is permeable to H, and also serves as a catalyst for the cyclohexane dehydrogenation
to benzene. In the year 1990, a 4 Nm*/h MR was developed by Tokyo Gas Co. Ltd with
Mitsubishi Heavy Industries Ltd. In 2003, commercialized MR designs were reported by
Reb Research and Consultancy (Prof. Buxbaum group)[42]. In addition to this, MR
studies have been reported by ENEA (Prof. Sivano Tosti group), ITM-CNR (Dr. Angelo
Basile group), Prof. Dittmeyer and Prof. Elnashaie group, fluidized membrane reactor by

Prof. Kuipers and Prof. Sint Annaland group (University of Twente).

The system performance in case of a membrane reformer is both Kinetically as well as
diffusion controlled which thereby necessitates an optimal temperature, pressure and flow

rate that will maintain stability of both the catalyst and the membrane.
1.2.1 Challenges of membrane reformer

Membrane reformer (MR) is an attractive tool to produce hydrogen for on-board
applications. However, the following technological challenges associated with this

system impede its fast commercialization.

e MR was developed with the critical objective of yield enhancement for equilibrium
limited reactions. Therefore, the benefit of using a MR is the continuous permeation of
product through the membrane that will simultaneously shift the equilibrium towards

the product side (Le-Chatelier’s principle). Thus, at a constant temperature, high
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conversion in MR can be achieved compared to conventional techniques. However,
membrane plays a critical role in the development of commercially viable MR.

e Inverse relationship that typically exists between permeability and selectivity (purity)
necessitates a tradeoff for MR. Higher selectivity is obtained usually at the cost of low
permeation values, which is economically not always justifiable. Selectivity and flux
are two indispensable factors for the characterization of membrane reformers. It is
well known that optimization of one factor sometimes has led to the deterioration of
the other. For instance, Ligouri et al. [43] observed a higher hydrogen removal at
higher pressure but also reported defects in membranes resulting in 0.21 and 0.25%
CO in permeate. This necessitates a tradeoff between membrane thickness and
hydrogen flux. Though a higher thickness may improve hydrogen selectivity but will
increase metal required resulting in higher cost.

e Competitive adsorption of the species available in reactant and product reduces the
separation efficiency and selectivity of the membranes which reduces the performance
of MR. Further, concentration polarization in case of highly selective membrane is
also an issue which affect the hydrogen permeation through it overtime thereby
affecting MR stability [44, 45]

e Chiappetta et al. [46] assessed the effect of the membrane surface area, catalyst
volume, reactant flow rate on the performance of methane fed membrane reformer. A
surplus of hydrogen production with respect to available membrane surface area is
also reported as an inadequate MR design due to low hydrogen recovery. At 550°C,
highest recovery reported by Chiappetta et al. [46] was up to 45%. Moreover,

inefficient seals (either glass enamel joints, glaze or graphite gaskets) used for

13
TH-1764_126107017



connecting membrane to the reactors are often reported to weaken during reaction
conditions leading to huge losses in permeate hydrogen selectivity.
Thus, low hydrogen recovery and purity can be considered as a primary challenge with a
membrane reformer. Surface to load ratio is also critical to determine membrane
separation efficiency. Further, in order to minimize CO inhibition, steps are required
which can negate its occurrence in the reaction. Therefore, better catalysts need to be

designed.

1.3 Motivation

Membrane reformers are interesting process intensified units which have immense
potential to emerge as a new technology for small scale portable hydrogen generators.
The crux in the development of this technology is to obtain maximum hydrogen recovery,

high hydrogen selectivity and high hydrogen flux.

Methanol is the simplest of alcohols that can be used to produce hydrogen. Steam
reforming of methanol requires reaction temperatures in the range of 200-400°C which
typically produces hydrogen (~60% by mole), the rest being CO, CO,, unreacted H,O
and methanol. However, in order to decrease the startup time for a fuel cell, studies are
targeted to achieve adequate conversion at even lower temperatures (120-170°C) [47,
48]. Various metal-metal and metal-support interactions are therefore studied to identify
best performing catalysts for low temperature steam reforming of methanol. Further, in
membrane reformers, reforming catalysts are intertwined with membranes which together
control the performance of this system. Integration of endothermic steam reforming with
membrane separation necessitates membranes which can sustain higher temperatures.

14
TH-1764_126107017



With evident superior thermal stabilty and acceptable tolerance to chemical attack,
inorganic membranes are estimated to give much higher operational stability compared to
polymeric membranes. Dense palladium membranes show large solubility of hydrogen
over a wide temperature range compared to any other metal, which makes palladium the
suitable material of choice for hydrogen separation. Palladium’s catalytic ability allows
molecular hydrogen to dissociate on its surface. The atomic hydrogen then diffuses
across the palladium membrane to the permeate side, associates to molecular hydrogen
and leaves the surface. Palladium membranes can provide infinite hydrogen selectivity
when the surface is absolutely dense/non-porous. Pure palladium is mostly alloyed with
elements such as Ag that lowers the critical phase transition temperature of palladium
from 300°C to around room temperature. Further, addition of Ag to Pd also increases H;
permeability because of the increase in average bond distance in the alloy in comparison
to pure Pd. Numerous studies have reported the synthesis of Pd-alloy supported
membranes over a range of thickness and compositions. However, there exists a tradeoff
that is to be optimized between selectivity and flux to achieve optimal membrane
performance. Although the overall concept of membrane reformer looks very simple,
integrating a high temperature and low-pressure steam reforming reaction with low
temperature and high-pressure membrane separation process is a major challenge.
Broadly, the following three elements can be identified for the design of a membrane

reformer:

)] Synthesis of suitable catalyst for steam reforming reaction, which can
withstand high-pressure environment and can perform reaction at relatively

low temperature.

15
TH-1764_126107017



i) Preparation of dense palladium/palladium alloy membrane which can provide

high selectivity and high flux at relatively low-pressure.

i) Integration of above two in a single unit for production of ultra-pure

hydrogen at high flux.

In the present work, all the three aspects of membrane reformer were addressed to design
an optimal membrane reformer for production of ultra-pure hydrogen. Hydrogen
generation by steam reforming of methanol was studied using synthesized Cu and Cu-
based bimetallic supported catalysts. Catalyst testing was performed with varying
operational parameters such as weight hour space velocity (WHSV, Kgcat/MOlnethanol-S)),
temperature and steam-to-methanol (S/M) ratio. Further, active metal% and bi-metal
compositions were varied to study the product selectivity for the optimal reaction. To
achieve high hydrogen purity, Pd-based dense supported membranes were employed after
their synthesis and characterization. Dense Pd-based membranes were prepared using
modified electroless deposition approach on porous SS (PSS) as well as porous alumina
support. Yttria stabilized zirconia (YSZ) was applied as an intermediate layer that
minimizes the intermetallic diffusion between Pd and SS. Further, Pd-Ag supported on
alumina-based catalytic sol was coated on alumina supports to create a uniform surface
morphology and reduce pore size. Optimization of standalone membranes as well as
catalyst performance was performed prior to the integration. Finally, integration studies
with prepared dense palladium alloy membranes and optimized catalysts were performed
in a single unit. The performance of packed bed MR with varying parameters such as

temperature and pressure, feed composition and bed configuration were tested to find the
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optimal design and operating conditions for the newly developed methanol-based

membrane reformer.
1.4 Objectives

The overall aim of current work was to design a methanol-based membrane reformer and
find the suitable operating conditions for the same. The specific objectives of the work

were as follows:

e Preparation, characterization and testing of dense palladiunvpalladium alloy
membranes for separation of H,
» Optimization of membrane separator design
» Performance comparison with commercial membrane
e Preparation, characterization and testing of supported catalysts for H, generation
using methanol steam reforming
> Effect of temperature and weight hourly space velocity (WHSV)
» Effect of steam/methanol (S/M ) ratio
e Integration, design and testing of a compact membrane reformer
> Design of a compact membrane reformer

» Optimization of operating condition

1.5 Structure of Thesis

The outline of the thesis is as follows:

In Chapter 2 membrane preparation techniques are reviewed. Further, palladium-based

alloy membranes such as Pd, Pd-Ag and Pd-Ag-Au supported on porous alumina and
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porous stainless steel are prepared using electroless deposition. The extent of deposition
was monitored using atomic absorbance spectroscopy (AAS). Characterization during
each preparation step was performed using field emission scanning electron microscope-
energy dispersive X-ray analysis (FESEM-EDX) and atomic force microscopy (AFM).
Hydrogen permeation was tested using pure hydrogen at various temperatures and

pressures.

In Chapter 3 a multi-pass membrane separator design for high throughput applications is
demonstrated. Using a commercial self-supported membrane, hydrogen permeation
studies were carried out in the membrane separator with and without baffles. Self-
supported membranes do not give any additional resistance to permeation and therefore
were considered ideal to perform membrane separator optimization with baffles. Single
membrane testing was performed at several membrane positions inside the reactor (with
and without baffle). Further, multiple membrane arrangements using a four membrane
assembly is devised. Temperature and velocity distributions inside the reactor (with and
without baffles) are studied computationally to support and better explain the
experimental observations. An optimal membrane arrangement comprising of 4
membranes is suggested which is lastly compared with the prepared four PSS supported
Pd-Ag membranes. Hydrogen permeation is investigated using Hx/(Ar or N2) and Hy/(Ar

or N)/CO/CO; mixtures.

In Chapter 4 development of catalysts for methanol steam reforming is discussed. Using
incipient wetness impregnation, various monometallic and bimetallic catalysts supported
on AbO3-ZnO-ZrO, support are synthesized. Effect of Fe as promoter in the preparation

of bimetallic catalyst is investigated owing to its high redox activity. Characterization of
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the prepared catalysts is presented using Brunauer—Emmett—Teller (BET), X-ray
diffraction (XRD), transmission electron microscope (TEM), temperature programmed
reduction (TPR), FESEM-EDX and Fourier transform- infrared spectroscopy (FT-IR).
Testing of catalysts is performed in a fixed bed reactor with varying temperature,
steam/methanol (S/M) mole ratio and weight hourly space velocity (WHSV). This
chapter further illustrates on the developed catalyst with zero CO selectivity at high
temperatures. Lastly, the reaction mechanism for the developed Fe-promoted catalyst is
also proposed wusing information from diffuse reflectance infrared fourier transform

(DRIFT) analysis.

In Chapter 5 membrane reformer integration studies are elaborated with two case studies:
a) Commercial self-supported membrane integrated with proprietary high temperature
MSR catalyst in ME-100® hydrogen generator (procured from REB Research and
Consultancy, USA) and b) prepared Pd-Ag membrane supported on PSS with developed
Cu-Fe catalyst supported on Al,O3-ZnO-ZrO,. The effect of temperature and pressure is
presented for both membrane reformer studies. Further, ME-100® is also compared with a
membrane  separator  sequentially integrated with  synthetic reformate  mixture
composition to evaluate the self-supported membrane performance. Effect of steam on
hydrogen permeation is determined. Lastly, membrane reformer performance is
demonstrated for supported Pd-Ag membranes with effect of reactor diameter, with and

without baffle integration.

In Chapter 6 broad inferences and conclusions are presented that elaborates on the

significance of the study conducted. The effect of baffles to enhance hydrogen recovery
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from a high throughput MR was presented. Further, the effect of developed low CO

selective bi-metallic catalysts on MR performance is elaborated.
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Chapter 2

Hydrogen Separation: Membrane Preparation,

Characterization and Testing

Abstract

In this chapter, palladium (Pd) membranes supported on porous alumina and porous
stainless steel (SS) were prepared by electroless deposition using a modified contacting
approach. Through this approach in addition to Pd, Pd-alloyed with silver (Ag) and Pd-
Ag-gold (Au) were synthesized characterized and tested. Based on the support,
intermediate sol layers of catalytic sol and yttria stabilized zirconia (YSZ) were deposited
on alumina and SS, respectively. The surface structure and morphology of the prepared
membranes were analyzed by field emission scanning electron microscope (FESEM) and
atomic force microscopy (AFM). Extent of deposition was monitored by bubble point
testing to determine the pressure that the membrane can sustain in contrast to bare
support. Further, with the same methodology pin-holes on the membrane were also
identified and cured with multiple deposition cycles. Lastly, hydrogen selectivity of the
prepared membranes was obtained with gas permeation studies performed in an ‘in-house

designed” membrane separator unit using pure hydrogen and Ha/Ar mixtures.
2.1 Membranes for hydrogen separation

Separation of hydrogen using membranes mostly comprise of inorganic, organic

polymers and dense ion transport membranes based on proton conducting materials. On
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the basis of membrane material property, hydrogen permeation through it will vary. In
addition, the criterion to choose a feasible membrane for hydrogen separation through it
depends on its hydrogen selectivity, flux, stability at the operating temperature, pressures
and in the presence of other mixture components. Based on these requirements, a brief
comparison between the membranes used for hydrogen separation is made as shown in

Table 2.1.

Polymeric membranes have low cost and provide ease of processing and high packing
density. However, they cannot withstand high temperature, aggressive chemical
environment and can be swollen or plasticized when exposed to hydrocarbons or CO, at
high partial pressures [1]. This results in instant damage in material property and

separation capabilities.

High thermal and chemical stability of inorganic membranes on the other hand make
them a feasible choice for hydrogen separation studies [2]. Inorganic membranes include
metallic, carbon and ceramic membranes broadly. Ceramic membranes are a combination
of a metal with a non-metal in the form of an oxide, nitride or carbide. Ceramic include
dense ceramics (perovskites) and porous (zeolites) membranes. Porous ceramics
generally comprise of aluminium, titanium, zirconia or silica oxides. They are chemically
inert and characterized by high permeability, thermal stability but low selectivity [3].
Chemical stability of these membranes makes them suitable for food, biotechnology and
pharmaceutical applications for microfiltration and ultrafiltration within the 0.01pym to
10pm produced by slip coating procedure. Silica membranes degrade in water containing

atmospheres therefore doping with TiO,, AbO3, NIiO and ZrO, are performed to enhance
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material stability. While zeolites act as natural molecular sieves but separation of

hydrogen through them is still limited [4].

On the other hand, ion transport membranes are mostly dense ceramic membranes with
mixed ion and electron transport capabilities. Hydrogen permeation through these
membranes also follows solution diffusion mechanism. These membranes include dense
ceramics-perovskite SrCeOs.;, BaCeOs.s and are mostly called as proton conducting
membranes (or proton exchange membranes). They operate at 600-900°C and transport
hydrogen as ions (protons) which make them highly hydrogen selective. However, these

materials are too basic and suffer from material degradation [5].

Carbon membranes exhibit good thermal and chemical stability. They contain a pore
system with wide pore openings and narrow constrictions which approaches molecular
dimensions. This property of carbon membranes in contrast to silica based membranes
aids in separation of gas molecules with similar size effectively. However, their brittle
nature and low hydrogen permeability restricts its application for hydrogen separation

studies [6].

Amongst all the above, metal membranes are of particular interest for separation of
hydrogen from gas stream. Metals such as palladium, niobium, tantalum, vanadium,
copper, gold, iron, cobalt and platinum are extremely hydrogen selective and thermally
stable. A comparative review on the advantages and disadvantages of different
membranes used for hydrogen separation are illustrated in Table 2.1. Out of these metals,
palladium membranes have high hydrogen permeability over a wide temperature range

which makes them an ideal candidate for H, separation.
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Table 2.1 Membranes for hydrogen separation [1-3, 6]

E'o Membranes  Advantages Dis-advantages

Stable at high temperatures

Long lifetime .

Resistant to chemicals at wide pH Brittle at low

: : . temperatures e.g. Pd
1 Metallic Strong structural integrity .
. Not cost effective
High flux
Highly selective
Cannot  sustain  high
: Cost effective temperature

2 Polymeric Efficient for mass production Short life

Low selectivity

Operating temp: 200-600°C

3 Gelmg Stability in H,O vapor

Susceptible to H,S.

Susceptible to organic
traces or other strongly

Operates at 500-900°C .
adsorbing vapors.

Separation ~ of  non-(or  weakly)

4 Cfubpn absorbable gases such as H,S, NH3 and Requwes MagEDxidizing
CFC.. environment
Brittle in nature
Costly
High hydrogen
5 lon transport BaCeg9Yo.1 Os-4 (BCY) permeability and
membranes Operating temperature 500-900°C selectivity is only

obtained above 600°C

2.2 Palladium membranes

Palladium has a wvery high affinity for dissociating molecular hydrogen into its atomic

state. The face centered cubic (f.c.c.) structure of palladium lattice has four octahedral
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and eight tetrahedral sites. It is at these two sites in the palladium lattice that the potential
energy of a hydrogen atom is at a minimum. Thus, atomic diffusion of hydrogen through
bulk palladium occurs by the H-atom jumping between the nearest neighbor octahedral
sites while passing through tetrahedral sites. Palladium (Pd) membranes are chemically
compatible with many hydrocarbon containing gas streams and have theoretical infinite

hydrogen selectivity which makes Pd a widely studied material for hydrogen separation.

Extreme solubility of hydrogen in palladium below 300°C leads to the formation of a
separate palladium-hydride phase that causes embrittlement. This transition occurs from a
stable o-phase (interstitial hydrogen in solid solution) to [-phase i.e. palladium hydride
(Pd-H) resulting in a 10% wvolume expansion that cause internal stress, crystalline
structure distortion and mechanical failure of the membrane [7, 8]. Therefore, phase
transition restricts the operating temperature to be above 300°C for pure Pd. To overcome
hydrogen embrittlement, Pd can be alloyed with Ag, Cu, Ni, Au and Y that reduces the
phase transition temperature and also enhances hydrogen permeability. Palladium alloys
lower the critical temperature and pressure for the phase transition by narrowing the o/f-
Pd hydride miscibility gap and the difference between the sizes of the a- and B-Pd lattice
constant [9, 10]. Increase in hydrogen permeability with Pd-Ag alloys is widely reported
because of the increase in average bond distance of the alloys in comparison to pure Pd.
Transport of hydrogen through a dense Pd or Pd-Ag membrane is characterized by

solution-diffusion mechanism which follows a six step mechanism presented in Fig. 2.1:

(@) Adsorption of hydrogen molecules on the high pressure side of the membrane

surface;
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(b) Dissociation of the chemisorbed molecule into H® species, consisting of a proton and

an electron;

(c) Dissolution of the hydrogen atoms H® (proton and electron) into the lattice of the

metal;

(d) Diffusion of hydrogen atoms H*® (proton and electron) through the lattice from the

high pressure side to the low pressure side of the membrane surface;

(e) Re-association of hydrogen atoms H® (proton and electron) to form hydrogen

molecules at the low pressure side of the membrane surface;

(f) Desorption of hydrogen from the low pressure side membrane side to the bulk.

@

Feed Side,

Py
ﬁ @@’

Permeate

Side, P,
Fig. 2.1 Solution-diffusion mechanism H, permeation through dense Pd membranes

The individual steps in hydrogen permeation through palladium have very different

kinetics which has been studied in detail by Ward and Dao [11]. The exponent (n) in
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equation 2.1 varies from n=0.5 to 1 depending on the rate limiting step. If the diffusion of
atomic hydrogen through the metal bulk of the membrane is rate determining step and
hydrogen concentration in the Pd based lattice (H/Pd) is lower than 1, the Sieverts law

should be valid for which the exponent is 0.5. For n in the range 0.5 to 1, mass transport

to or from the surface and dissociative or associative adsorption becomes rate limiting.

]H2><6

(p“ ~ Py
Hzretentate Hz,permeate

Permeability (Pe) = where n= 0.5 (2.1)

It is mostly reported that n is in the range of 0.6 to 1 is indicative of palladium layer
thinner than 5 pm. In addition, in case of thicker membranes (>5 pum) a value of n=1is

indicative of defects or pinholes in the membrane.
2.3 Supported membranes

Palladium membranes reported in literature are either self-supported or supported. Self-
supported Pd foils or membranes are extremely expensive and normally >30pm in
thickness in order to remain durable. However, Pd membranes can be deposited onto
asymmetric porous supports. This porous support can be utilized to prepare
comparatively thinner membrane (for higher flux) and thus reduce the preparation cost.
Depending on the support type and substrate to be coated, morphology or the micro-
structure formed plays a key role in deciding membrane performance based on its perm

selectivity, permeability and thermal stability.
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2.3.1 Preparation techniques for palladium membranes

In this section, the preparation of supported palladium membranes is discussed.
Supported palladium membranes are prepared by deposition of palladium or Pd-alloys on
a multi-layer porous ceramic or porous stainless steel (PSS) support. Some well-known

thin film deposition techniques are discussed below:

Sputtering

Sputtering is a process which results in ejection of atoms by the bombardment of a solid
or liquid target by energetic particles, mostly ions [12]. The ions necessary for
bombardment are extracted from argon plasma that burns between the cathode (target)
and anode (substrate). Both target and substrate are planar plates arranged close to the

argon plasma as shown in Fig. 2.2:

I ”_ ° Plasma

Argon Pump

Fig. 2.2 Schematic of sputtering [13]

The high energy and positively charged argon (Ar") bombards the negatively charged

target to liberate atoms from the target. The liberated atoms move in all directions, where
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some atoms hit the substrate with large enough energy that they stick to the substrate.
Therefore, the composition of the deposited atoms will be same as that of target. The
advantage of sputtering is that it gives a uniform coverage of deposited material over the
substrate and accuracy in controlling thickness. However, high cost of deposition set up,
operating cost and poor crystallinity of sputtered layers [13] makes it un-economical on a

wider scale.

Chemical vapor deposition (CVD)

CVD involves film deposition using a precursor gas or gases that flow into a chamber
containing one or more heated objects to be coated. This technique requires volatile,
reactive and thermally stable molecular precursors to transport and deposit growth
materials in a Kinetically controlled manner. Chemical reactions occur on or near the hot
surface, resulting in the deposition of a thin film on the surface. Deposition using this
chemical reaction results in formation of by-products that are exhausted out of the
chamber along with unreacted pre-cursor gases. CVD results in uniform, conformal and
high purity films [14]. However, deposition of films only occurs at elevated temperatures
which imposes restrictions on the kind of substrates that can be coated [15]. Further, high
temperature leads to stresses in films deposited with materials having different thermal
expansion co-efficient, which can cause mechanical instabilities in the deposited films

[15].

Electroplating

In electroplating, electric current reduces the desired metal cations on the substrate

surface thereby causing metal deposition. This technique is used for metal coating on to a
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metallic or a conducting surface by an electrochemical process. Non-conducting
substrates such as ceramics as well as plastics require pre-treatment prior to be
electroplated. In the electrolysis cell, the substrate being deposited acts as a cathode
(negative electrode) which is immersed in an aqueous solution containing the metal to be
deposited and anode is a conducting Pt electrode. When a direct electric current is

passed, according to Faraday’s law, deposition takes place in the following manner.

At Cathode M2+ (aq) + e~ — M(s) (2.2)

At Anode M(s) — M 2* (aq) + ze~ (2.3)

The cation concentration, bath temperature and current density determine the deposition
rate. The control over deposition rate is achieved by controlling the amount of current
passed through the electroplating cell depending on the standard electrode potential of the
metal. Thickness of the electroplated layer on the substrate is determined by the time
duration of plating. Longer is the plating time, higher is the thickness. However, co-
deposition of two metals with more than one volt difference in standard electrode
potential is difficult. Further, one of the major reasons why electroplating has not been
much successful so far for palladium film deposition is the evolution of hydrogen on the

substrate surface.
Electroless plating (ELP)

ELP is an autocatalytic process. A chemical reaction between a reducing agent and the
precursor of metal ion in the solution causes either formation of metallic phase in bulk or

a thin film due to precipitation on a localized solid surface. The reduction product (metal)
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then acts as a catalyst to continue metal deposition or coating of unlimited thickness in
principle. In addition, no external electrical current is provided; so deposition is
performed using immersion and contact plating methods. For these reasons, surface
materials such as non-conductors, semi-conductors and metals are used for deposition.

Rhoda; Athavale and Totlani [16, 17] reported the chemical reactions involved in ELP.

An electroless plating bath for palladium comprise Pd(NH3)4Cl,, PACL as the metal ion
source while silver plating comprises AgNOs. Complexing agent such as ethylene di-
amine tetra acetic acid (EDTA), and ammonium hydroxide are used. Hydrazine, sodium
hypophosphite and trimethyl amine borane are used as reducing agents along with

stabilizers and accelerators. Reducing agent affects the plating rate [18].

However, electroless plating bath is unstable in nature. Some of the characteristics related

to this aspect are presented next.

- Higher hydrazine concentration increases the catalytic activity of Pd. At higher
concentrations (> 3.6 mM) in case of Pd-Ag bath, Pd is favored more than Ag [18,
19]. However, at a further higher hydrazine concentration (5.4 mM), altering of Ag
plating followed by decrease in pH is observed. This decrease in pH has been
reported to signify a complete stop in plating thereby leading to bulk precipitation. It
was reported by Rothenberger et al.[19] that during electroless plating deposition rate
of palladium decreased with the depletion of palladium ions and hydrazine, leading to

a decrease in pH. This led to replacing of plating solution every 90 mins.

- High Pd ion concentration (metal ion concentration) leads to decrease in plating

reaction conversion. As the reaction stoichiometry between hydrazine: Pd ion
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concentration should be 1:2 a very high initial Pd metal ion concentration makes

hydrazine act as a limiting reagent thereby resulting in a decrease in conversion [20].

- Ammonium hydroxide is mostly used as a complexing agent, and EDTA is applied as
a stabilizing agent. This is because in the absence of EDTA, the instability of the
electroless bath leads to spontaneous precipitation above 70°C. Another peculiar
characteristic observed in the electroless bath is the reduction of plating rate attributed
to the catalytic decomposition of hydrazine by palladium. Usually electroless plating
is carried out at alkaline pH (10-11). Electrons released from the reaction between
hydrazine and hydroxide ions at the anode initiate the reduction of Pd** complex to
Pd. The main product of this reaction is nitrogen. Ayturk et al.,[18] reported that
above 60°C, excess amount of NH,OH undergoes significant evaporation, thereby
resulting in unstable electroless bath leading to easy decomposition. The change in

pH causes bulk precipitation of the Pd and Ag metals in the plating solution.
2.3.2 Procedures followed in electroless plating
Cleaning

Mardilovich et al.[21] reported that thorough surface cleaning is required to provide a
clean and an optimum rough surface structure for high adhesion in metal to metal bonds.
It mostly comprises of mechanical cleaning with abrasion (sand paper, stainless steel
brush, file etc) and chemical cleaning using ammonia solution, isopropanol, sodium
hydroxide, sodium bicarbonate, di-sodium phosphate, hydrochloric acid, organic
detergent, ethanol at 60°C. Mardilovich et al.[21] showed that initial polishing of the PSS

sample of 0.5 pym grade showed large number of pores in the size range 20-30 pm on the
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surface. These large pores remained only at the entrance which continued to become
narrower below the surface (< 8 pm). Mechanical treatment (sandpaper, file) reduced the
porosity of support making the treated surface almost impermeable. Cleaning with
alkaline solution not only removes any dirt or grease on the surface of the support but
also increases the permeability. HCI treatment should be short term such that it does not

affect the pore size.
Activation

This is performed either with a combination of SnCl,/PdCl, or palladium acetate in
chloroform repeated cycles until dark-brown. Chemical activation with SnCl, leads to
formation of tin hydroxyl chlorides on the PSS surface whose composition, structure and
thickness is highly dependent on HCISnCl,, support surface structure, roughness etc
[21]. An excess of Sn°* leads to loose crumbly easy to peel layer, while deficiency can
cause non-uniform seeding of Pd nuclei. Mardilovich et al. [21] reported an activation
solution containing Sn 1 g/L with 37% HCI 1 ml/L and Pd 0.1 g/L with 37% HCI 1 ml/L

at 20°C for 5 min each cycle.
Deposition

Once activation of support is complete with Pd nucleation on the surface turning it shiny
brown, deposition is then carried out by immersing the support in electroless bath with
intermittent addition of hydrazine at a controlled rate. In addition, a controlled rotation of
the support to ensure uniform deposition of Pd on the PSS tube is also reported [18, 21,
22]. Rate of Pd deposition was measured based on 2Pd/N, (based on reaction 2.4). The

quantity deposited can be measured by the gas flow measurement and integration of this
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data, simultaneous weighing of support before and after the deposition and finally SEM

analysis can be performed as well.
2Pd?* 4+ H,NNH, + 40H™ - 2Pd° + N, + 4H,0 (2.4)
2.4 Literature review on preparation of Pd-based composite membranes

Fabrication of metal composite dense alloys has been widely studied to separate
hydrogen from the reformate gas mixtures [23-27]. The high selectivity and high
temperature resistance of Pd and Pd/Ag alloys always makes them a preferred material
choice. Likewise, easy deposition on any conducting or non-conducting material with
uniform or non-uniform surface gives electroless plating (ELP) an edge over the other
less cost-effective methods. In conventional ELP, reducing agent and Pd-containing
electroless bath are mixed together and used for deposition on supports. However, this
instant mixing results in bulk Pd precipitation in bath. Further, deposits using ELP are
mostly columnlike and with defects. The occurrence of these defects immensely lowers
hydrogen selectivity of these membranes. These defects are more evident when thickness
of membranes is low. Therefore, significant research is focused on making Pd films using
ELP denser and thinner while still maintaining high hydrogen selectivity. Numerous
works have illustrated Pd deposition on wide variety of supports which include tantalum
and niobium (Buxbaum and Marker, [28], Buxbaum and Kinney, [28]), porous glass
(Uemiya et al. [29, 30]), alumina (Kikuchi and Uemiya [22], Lim and Oyama, [31], Kim
et al. [32] and Zeng et al.[33]) and porous stainless steel (Shu et al. [34], Mardilovich et
al. [21], Dittmeyer et al. [26], Huang and Dittmeyer [35, 36], Ayturk and Ma [18],
Guazzone and Ma [28], Guazzone et al. [37, 38] etc.). Many authors have also reported
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effect of modified activation, effect of inter-diffusion barriers in case of PSS, effect of
different annealing temperatures and effect of modified ELP plating techniques such as
simultaneous electroless plating, sequential electroless plating and pore plating [20, 39-
41]. In the present work, two Kkinds of support material have been investigated: a) porous
alumina and b) porous SS. Table 2.2 provides the literature review on palladium based

membrane preparation studies reported.

Mardilovich et al. [21] reported dense palladium membranes of 20 pm thickness
supported on PSS using electroless deposition. For uniform deposition of Pd on PSS tube,
a controlled rotation for the support was maintained, while the flow of gases evolved
from the reaction (equation IlI) was measured by a soap bubble meter. A total of 9

plating cycles were reported in order to reach surface densification.

Kitiwan et al. [42] studied the influence of porosity of a-alumina support on Pd
deposition.  Deposition morphology was investigated at four different sintering
temperatures: 1200, 1300, 1400 and 1500°C. Pore size of support varied from 0.25-—
0.35um. It was reported that higher temperature gave a larger and smoother grain while a
lower temperature exhibits bimodal grain size structure. Selectivity was found to be

poorer for more porous support but could be improved with higher plating time.

Okajaki et al. [43] reported membrane preparation with vacuum ELP and simultaneous
deposition on o-alumina support. Alloying of Pd with Ag was performed at temperatures
higher than 230°C. The alloy progressed effectively at temperature 550 to 600°C with

sharp XRD peaks. Temperature higher than 600°C caused formation of a lesser hydrogen

41
TH-1764_126107017



permeable alloy of Pd-Al. Maximum permeability was observed at 550°C with 0.8

mol/m?s.

Tanaka et al. [44] too suggested 500°C (thermal treatment) for alloy formation in order to
minimize defects. It was suggested that in simultaneous deposition, Ag is preferentially
deposited on Pd seed nuclei and therefore shields active Pd particle and prohibits plating
reaction. Therefore control of deposition rate with proper Pd/Ag ratio is important.
Annealing was optimized at 500°C under hydrogen stream for 4 h, and precipitation in
the plating solution was stabilized using ammonia and EDTA, which control the

deposition rates of individual metals by modifying the redox potentials.

Tanaka et al. [45] reported yttria stabilized zirconia (YSZ) mixed sol in 8-20 nm size
range as an intermediate layer deposition on to Y-alumina support under vacuum suction.
Coating this layer was followed by seeding, and additional sol layer and finally Pd
coating. Though no significant defect was observed, it was reported that the effective area
occupied by Pd became narrower by the co-presence of YSZ-gamma alumina that

hindered H, permeation.

In addition to this, application of ceramic (20%YSZ-80%alumina) based interdiffusion
barriers were also investigated recently by Fernandez et al. [46] prior to Pd-Ag deposition
on porous hastelloy. The deposition of 2-5 layers of YSZ-alumina was carried out using
atmospheric plasma spraying (APS) and dip coating. The resulting thickness of the layer
after sintering and reduction was reported 40 pm. Pd-Ag deposition of 3-5um thickness

was further carried out with simultaneous deposition.
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Further, Straczewski et al. [47] reported comparison of YSZ coating using APS and TiO;
coating using wet powder spraying (WPS) prior to Pd deposition on to PSS. Nearly 80—
100 pm thick YSZ layer was coated while poor adhesion in case TiO, was reported. It
was clearly reported that completely defect free membranes were not observed for all
tubes prepared. Rust formation, especially visible after palladium coating, has been
reported to induce large defects. In addition, variation in the alloy composition at the
weld seams that includes porous tube, dense adapter and additional weld material could
induce the formation of a contact material that causes preferential corrosion in SS 310.
The final thickness of Pd membrane was reported 14.4-25um with H,/N, selectivity in

the range of 60-120.

From the above studies, it is becomes clear that deposition of palladium on to both
ceramic and SS still remains a challenge. Moreover, the pore size distribution of both
supports is distinctly diverse. This variation in pore sizes eventually plays a crucial role
in surface densification of palladium deposited. Difference in membrane deposition
between porous SS and porous ceramic to achieve faster densification is therefore crucial
to determine maximum hydrogen flux. This comparative information is not available in
literature, especially with regards to how palladium consumption for dense membrane
synthesis can be decreased by change of support porosity. Decrease in palladium
consumption will drastically reduce the membrane preparation cost and lower thickness
on the other hand will improve hydrogen flux as well. These parameters are therefore

critical for palladium membrane synthesis.
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Table 2.2 Literature review on preparation of Pd-based composite membranes

S. Author Support Intermetallic  Preparation Method and T ) H, Flux N Flux
No. alloy Details and (um) mol/m? s
pH
1 Mardilovich PSS 316L cups and -nil- ELP Ultrasonic clean in alkaline 60°C 19-28 2 to 4 0.008
et al.[21] tubes (Mott) solution ~ Activation:  acidified at m*/m*.h m*/m*.h
0.5 um SnCl, and PdCl, 10.4 @ 350
0.d.159 mm, 12.7 Deposition: pH and 500°C
mm Pd(NH3),CL.H,0: 4 g/L
Thickness 1.6 mm NH,OH:198 ml/L,
L=19-25 mm Na,EDTA 40.1 g/L
N,H, 5.6-7.6 ml/L
2 Hollen et al. a-alumina pore size Ceramic layer ELP 60°C 15 0.3 0.01
[48] 100 nm, PSS <500 with slip PdCL 5g/L at cm’/
nm coating and Na,EDTA.2H,0 70 g/L 10.4 cm’ min
O.d. 10 mm and I.d metal wet NH,OH 500 ml/L pH
6 mm powder spaying N,H, 10 ml/L
3 Huang and PSS O.d. 10 mm, Ceramic ELP Clean in NH;H,O, water 60°C 7-12 11 0.06
Dittmeyer et 1.d.6 mm (ZrO,YSZ) and and isopropanol at m*m’.h@ m*/m.h
al.[49] L=11 cm TiO, by Activation:SnCl,.PdCl, 10.4 500°C

atmospheric PdCL5 g/L, Na,EDTA.2H,0 70 pH
plasma spray, g/L; NH,OH 250 ml/L

magnetron N,H, 1 mlL (in breaks) 200
sputter and wet rpm

powder spray

4 Ayturk and PSS 0.5pm, 0O.d. Oxidized @ ELP 20- 17-20 -NA- Instead  of
Ma, [18] 1.27cm, L=2.54 cm 600-800°C for Activation SnCl,/PdCl, 60°C N,  helium
and porous Inconel 12h Deposition @10 was used.
(MOTT) 0.1 pm, Pd(NH;),Cl, 2-4 g/L -11 An increase
44
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0.d.1.27 cm, L=6.35 AgNO; 0.5-2.1g/L pH in  Helium

cm Na,EDTA.2H,0 40 g/L rate was
NH,OH 198 ml/L reported
N,H; 2.5-7.5 ml/L @ 400 rpm with
increasing
with temp.
5 Lim and a-alumina (Pall Boehmite sols ELP 60°C 10 0.6 -NA-
Oyama, [50] corp.) 5 nm pore of diff. particle Activation: dip coating in Pd @10
size, O.d. 10 mm, sizes acetate (0.05M) -11
l.d. 7 mm, L=24 cm Deposition pH
Pd(NH;),Ch.H,0: 4 g/L
NH,OH:198 ml/L,
Na,EDTA 40.1 g/L
N,H, 5.6- 6 ml/L
6 Guazzone et The composite Pd Gamma Pd/Au/Pt 450° 8-13 26,6 to 05-<0.1
al. [38] membranes  were alumina  with PdELP coating C H, 16.3 ml/min  bar
prepared on porous  Pd cemented Au electrocoated at 60°C and perm m*/m’.h at 25°C
stainless steel (PSS) AV 0.55V and current density 0.! eatio minimum
supports 170D, 107 3mA/cm? n leak.
long 200 cm’ All membranes were protected testin after testing
permeable  surface with a special oxide coating to g 99.89%
area avoid scratches onthe membrane 12.6 during 200 h

surface during the mounting bar
(oxide coating did not affect H,

permeance)
7 Kim et al 500um PSS substrate  Oxidation at 673 K for 4 h using 623- 27 pum 0.025 0.015

[32] Cu(11)O/ALL O3 0.5um a heating and cooling rate of 3K 773K Pd and

catalyst film grade min-'. The oxidation step is 500 pm

washcoated on top OD 0.5 in.,, intended to grow a native surface catalyst

of 27 pm ELP porous length 2 oxide on the cleaned PSS tube

coated Pd in.

45

TH-1764_126107017



8 Zeng et al. Pd/Ag plating on activated by The final bath contained 75 mL 15 to 038 0.41x 107
[33] porous alumina dipping solution of 2.6pm
supports was into a aqueous 3.1 mmol/L PdCI2, 1.0 mmol/L
investigated Pd solution AgNO3, 5 mol/L NH40H,
The inner and outer containing 10 0.12 mol/lL Na2EDTA, and 6
diameters mmol/L PdSO4 mmol/L N2H4
and the length of the and 1 mmol/L
tubes are 7, 10 and Na2EDTA, E.= 5.5 kJ/mol
35 mm reduced  with
hydrazine
9 Pujari et al. Effect of Ni iter PSS  circular ELP 60°C 2.52- -NA- NI
[51] diffusion barrier on discs (dia of 36 PdCI2 0.886 g/l at 8.88 um negatively
palladium mm and CTAB 2CMC pH for affects the
densification on PSS thickness of 1 11 Pd/PSS palladium
supports of 0.1 pm mm) densificatio
pore size 0.1 ym and 0.5 314 to n;
pum 11.16 Ni was
pm  to plated
Pd/NI/P electrolessly
SS Novel
identified
surfactant
CTAB
10 Mardilovich ~ Porous stainless  Activated Pd plating with standard ELP 450°  8-15um 0.093 9.6um thick
et al. [52] steel (PSS) tubular AlLO; particls Gold and Platinum were C Pd
supports with an were used to deposited by electro-deposition membrane
outer diameter of grade the followed by alloying in situ decrease up
0.025 m and a length  previously H,/helium selectivity >2500 to 87%
of 0.254m. The oxidized Pd/Au 99%
total porous surface supports and Pd/Pt/Pd
area of the were cemented remained
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membrane was with Pd 98%
200 cnv’. Pd/Au/Pt
10099.91%
for 700h
11  Chi et al Effect of rotating 0- PSS 0.3 um, 1 PdCl, 4g/L 350- 5um 137.5 <0.01m*/m*.
[53] 200 rpm PSS mm o.d., 150 Nh,OH 200ml/L 450° m*’m’h  h
support on Pd mm length and N,H, 0.5-4ml/L C Pin holes
deposition 0.89 mm Naa,EDTA 40g/L and and  other
-alumina particle thickness 1-4 defects were
with lithium pH 10-11 bar reported
aluminide ingot was Temperature 60°C even after
used to produce a Increased rotation increased the deposition
hydroxide deposition thickness of the of 240 min;
intermetallic layer membrane with 200
rpm it gets
minimized
12 Kim et al Nano scale layers of Porous nickel Successive In-situ DC 723K 5tobb5 2 Voids exists
[54] Pd were deposited support magnetron sputtering, Au metal with
with advanced was used for alloying and sputtering
sputtering under surface densification as well as -N, flux not
high vacuum to increase the resistance against mentioned
poisoning by hydrogen sulfide Selectivity
and sulfurous constituents up to 5000

E.=12-14.9 kJ/mol

was reported

0 here represents thickness of metallic layer and T is temperature
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2.5 Experimental Methods

2.5.1 Techniques used for support characterization
BET (Brunauer Emmett Teller) Technique

Gas adsorbs on the external and internal surfaces of a porous material in equilibrium at
temperature (T) and relative vapor pressure p/po. The relation between relative vapor
pressure and amount of adsorbed gas (N2) at a constant temperature (77 K) is called an
adsorption isotherm. N, Adsorption isotherms of porous materials can be used for the
determination of specific surface area by BET theory. The basic equation for calculation
of specific surface area from adsorption data is given in equation 2.5

S= " NA, (2.5)

Here Xm is the mass of adsorbate forming a monolayer on unit mass of adsorbent, M is
the molecular weight of adsorbate, A, is the area occupied by one adsorbate molecule in
the monolayer and N is the Avogadro’s number [55]. In order to determine X, Brunauer,
Emmett and Teller based their theory on the following assumption to derive equation 2.6
mostly referred to as the BET equation. The assumptions are: a) gas molecules physically
adsorb in infinite layers on the solid, b) there is no interaction between molecules in
different sites, c) heat of adsorption and condensation in all layers above the first are
equal to those of bulk and d) condensation constant = evaporation constant (at dynamic
equilibrium). On this basis, BET equation as mentioned in 2.6 was derived [56]. The

linear relationship of this equation is maintained only in the range of 0.05 < P/Po < 0.35.
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1 . C_l(i}i (2.6)

v{(%j—l} velP) ve
P

BJH (Barrett-Joyner-Halenda) Method [57]

In addition, since the gas is used below its critical point, pore size distribution is analyzed
by capillary condensation as a function of the relative pressure of the adsorptive.
Capillary/pore condensation represents a phenomenon whereby gas condenses to a liquid
like phase in pores at a pressure less than saturation pressure of bulk fluid. Since decrease
of saturated vapor pressure takes place over the concave meniscus, it is described by

Kelvin equation (equation 2.7).

— 2N, cosO
|n E = L (2_7)
P rRT

Here, P =actual vapour pressure (bar),

Po = saturated vapour pressure (bar),

¥ = surface tension (J/m?),

r = radius of curvature of the adsorptive condensed in the pore (m),
Viig = molar gas volume of an ideal gas (m3/mol),

0 = contact angle,

R = ideal gas constant (J/molK),

T = temperature (K),
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Surface area and pore size distribution of both porous alumina as well as porous SS was
evaluated using Quanta chrome Autosorb iQ automated gas sorption analyzer at the
temperature of liquid nitrogen (77 K) and degassing temperature of 200°C. Samples for
BET analysis were pieces of porous ceramic and porous SS cut into smaller dimensions

such that it can fit the BET tubes for testing.

Field Emission Scanning Electron Microscopy (FESEM)

FESEM scans the surface of a sample by raster scanning over it with a high energy beam
of electrons. The electrons generated from an electron gun enter the sample surface to
release many low energy secondary electrons. The intensity of these secondary electrons
is governed by the surface topography of the sample. Therefore, an image is constructed
by measuring secondary electron intensity as a function of position of the scanning
primary electron beam. Further, in addition to FESEM, energy dispersive X-ray
spectroscopy (EDX) is also a simple and powerful tool to determine elemental
composition of a material. The technique is non-destructive wherein the electron beam
excites the atoms in the sample that subsequently produce X-rays to discharge the excess
energy. The energy of X-ray is characteristic of the atoms that produced it thereby

forming peaks in the spectrum.

Unmodified supports as well as Pd-deposited supports were analyzed using FESEM-EDX
(ZEISS-FESEM Sigma). Samples were sputter coated with gold and then analyzed under
high vacuum at varying magnifications. Further, for this analysis planar surface of porous

SS (disks) and ceramic (squares) were purchased. Planar surface enhances the image
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focus of the samples used for analysis. Further, the composition and surface morphology

of these planar supports are identical to the tubes used for membrane preparation.

Atomic Force Microscopy (AFM)

AFM is a kind of scanning probe technique which essentially uses touch to image a
surface unlike light or electron microscope. It relies on the force between the tip and
sample where force is not measured directly but calculated by measuring the deflection of
the lever, knowing the stiffness of the cantilever by Hooke’s law as stated n equation

2.8:

F =—kz (2.8)

Where, F is the force, k is the stiffness of the lever, and z is the distance lever is bent.

Planar samples with thin deposited intermediate layers and Pd were analyzed using AFM
(Agilent, Model 5500 series). Measurements were performed in air, operating in non-
tapping mode with silicon cantilevers (nominal radius of 10 nm). From the AFM images,

the surface roughness was obtained by using the software WSxM 5.0.

Water Bubble Point Testing

Bubble point is a test designed to determine a pressure at which continuous stream of
bubbles are visible from a wetted porous material under gas pressure. The pressure at
which steady stream of bubbles are noticed is called bubble point. This study was used to
determine average pore size of the membrane support, pore size distribution and most
importantly to identify the defects in palladium-deposited tubes. The methodology was

adapted from Jakobs and Koros, 1997 [58]. Water held inside pores by capillary forces
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can be expelled by increasing the pressure difference. For a pore with radius r (pm), this

pressure difference is given by the Laplace equation:
AP=2XocxH (2.9)

where o is the interfacial tension (N/m) of the fluid-fluid system and H is the mean

curvature of the meniscus. The radius of the meniscus relates to the pore radius (r) via the

contact angle ¢ ofthe fluid-fluid-membrane system by the following equation

(2x o x Cos )
r (2.10)

AP =

Atomic Absorbance Spectroscopy (AAS)

AAS was used for measurement of concentration of Pd metal in plating solutions. AAS
was carried out by using Varian Atomic Absorption Spectroscopy equipped with air-
acetylene burner. Standard calibration curve was generated, using 5, 10, 15, 20, 25, 35
and 40 ppm solutions of palladium chloride, to determine the concentration of palladium
in plating solution before and after plating. The corresponding calibration curve is shown
in Appendix A. The total loading of palladium was calculated based on the difference

between initial and final concentration.

2.5.2 Technique used for membrane deposition

Support for Membrane Deposition

Porous alumina and porous SS (PSS) tubes were used as support in this study to deposit
palladium membranes on them. Porous alumina tubes were purchased from Kumar

Ceramics, Orissa-India while porous SS tubes were purchased from Applied Porous,
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USA. The porous alumina tubes had 10% porosity with 80 mm length and 10 mm outer
diameter. On the other hand, porous SS tubes (Material SS-316) of 0.2 microns, 150 mm

length and 6.35 mm outer diameter were used.

Cleaning

Prior to sol treatment, activation and deposition, all tubes were cleaned in alkaline
solution in ultra-sonication for 1 h washed in de-ionized water or isopropyl alcohol and

dried. Chemicals used for the porous alumina and PSS are detailed in Table 2.3

Table 2.3 Chemical composition for cleaning of supports [18, 59]

Chemicals Porous alumina Porous
SS (PSS)

Alkaline Sodium phosphate 45 g/L 45 g/L
bath Sodium carbonate 65 g/L 65 g/L

Sodium hydroxide 45 g/L 45 g/L

Detergent 5mL 5mL
Acidic bath  HCI 0.1M -NA-
Neutral bath Isopropyl alcohol (91%) -NA- yes

Intermediate Sol Layer

In order to minimize the surface roughness of the support and membrane thickness, a thin
intermediate layer between the support and membrane can be applied. On the basis of the
reported literature [20, 36, 45] as also stated in section 2.3.2, intermediate layers for

porous alumina and SS tubes were synthesized respectively. Studies have illustrated the
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effect gamma alumina based intermediate layers on the dense membrane synthesis and its
stability [18, 60]. Recent studies have also highlighted the importance of thin and
uniform activation layer deposition with the use of sophisticated tools such as sputtering
and atmospheric plasma spraying [61, 62]. The large columnar micro structure reported
with sputtering based techniques and cauliflower like morphology mostly reported for
electrolessly plated palladium membranes tend to form micro-pores upon heat treatment.
In comparison to these methods, dip coating provides easy applicability for metal
deposition on any support and is feasible for economical scale up point of view.
Therefore, in this regard, catalytic materials such as supported Pd/Ag on alumina for sol
preparation were synthesized that can be effectively utilized to achieve thinner and
uniformly deposited palladium membranes. Alumina, being the same material as ceramic
substrate will bind to it easily. In addition, finely dispersed palladium-silver catalyst on
alumina allows the surface characteristic to not only provide a uniform base but be
catalytically active as well. In addition to catalytic sol for alumina supports, yitia
stabilized zirconia (YSZ) for porous SS supports were synthesized as per reported
literature [63]. YSZ minimizes the intermetallic diffusion between Pd and SS because of
thermal expansion co-efficient between Pd and SS [9, 64]. Therefore, YSZ minimizes the

inter-metallic diffusion between Pd and SS when operated in higher temperatures.

For catalytic sol synthesis, Pd-Ag on powdered alumina catalysts was synthesized by
electroless plating process. The alumina used for catalyst synthesis was prepared by co-
precipitation method. 20 wt% of catalyst was peptized in HNO3 for 6-7 h prior to sol
preparation, fittered and dried. 5 g poly vinyl alcohol (PVA) solution in water was further

added in synthesized reduced palladium catalysts to prepare catalytic sol. The sol was
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further deposited onto porous alumina using dip coating. Clean alumina tube was
introduced into the sol for 30 s and then withdrawn at a controlled rate of 2—-3 cnvmin.
According to dip coating theory, the withdrawal velocity affects the thickness of coating
and thereby plays a key role in this process. The sol-coated tube was then dried overnight
at 90°C and further calcined at 300°C. The deposited sol morphology as well as cross-
section was observed with FESEM. For porous SS, YSZ sol was synthesized to deposit as
an intermediate layer. In this case, yttria-stabilized zirconia (YSZ) was first synthesized
by citric acid reduction method using yttrium nitrate and zirconyl nitrate as precursors.
Addition of citric acid to the salt solution of mixed yttrium and zirconyl nitrate leads to
generation of a colloidal solution that was stirred for 3—4 h. The sol was then evaporated
until a white yellowish powder appears. The prepared YSZ powder was then crushed for
several hours in a mortar pestle until a fine powder of YSZ is achieved. In order to
prepare the sol, 0.5% dispersant (tri-sodium citrate) and 5% PVA was added to prepare a
sol. With vacuum assisted dip coating, a fine layer of YSZ was deposited on porous SS

tubes followed by room temperature drying overnight and then sintering at 800°C.

Activation

The standard SnCh-PdCl, activation method was applied on porous alumina tubes [18,
21, 22, 52]. Both SnCk, and PdCl, are prepared with 3-4 drops of HCI in water. This is
because PdCL only dissolves in acidic water. Further, SnCl, is not stable in water as it
gets hydrolyzed to form a colloidal basic salt. Hence, in order to obtain a clean Tin (1I)
chloride (SnClp) solution, acidic water is essential. In this method, a cycle is followed by

dipping porous alumina in acidic SnCl, (5 mins), distilled water (1 min), acidic PdCl, (5
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mins) and 0.01 M HCI (1 min) [60]. This cycle was continued until was surface displayed

uniform brown Pd seeds on the entire surface of alumina.

In case of porous SS, Pd (Il) acetate activation was performed. This is because PdCI, was
observed to corrode SS immensely. Further, corrosion pits on PSS formed also hindered
membrane deposition as it reoccurs even after tedious cleaning. Oxalic acid (1M) was
observed the best in cleaning corrosion completely from the surface. Oxalic acid solution
dissolves the rust in it which shows changes the transparent solution to green. Oxalic acid
is an iron complexing agent that once in contact with a surface having rust form a
ferrioxalate ion which is soluble in hot water. In Pd (llI) acetate activation method, Pd
(I)-acetate (0.1 g/L) dissolved in chloroform (Pd-acetate solution) was used [42, 65, 66].
In this case, PSS substrate was dipped in Pd (Il) acetate solution for 10 mins followed by
dipping in 1 mollL hydrazine in agueous ammonia. This was followed by dipping the
substrate in 0.2 mol/L NaOH for 10 minutes rinsed in water and dried at 110°C. Further,
Pd (ll) acetate activation and hydrazine reduction with vacuum was also performed to

make sure that uniform and in-depth activation was obtained.

Modified Electroless Deposition

In the present work, dense Pd membranes on porous alumina as well as porous stainless
steel (PSS) were prepared using modified electroless plating process. The standard SnCl,-
PdCl, activation method [18, 42, 45, 54, 60, 62] was applied on alumina to pre-nucleate
the tubes with palladium. On the other hand, porous SS tubes were activated using Pd-
acetate in order to avoid corrosion of SS tubes due to PdCl,. The method as described

above was followed as reported in literature [42, 65, 66].
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Deposition of palladium on pre-activated porous alumina and PSS tube was performed
using hydrazine by a modified contacting pattern devised in-house. Instead of hydrazine
bulk addition to the plating bath in conventional plating, both substrates were soaked in
dilute hydrazine of 10 mM concentration outside the bath and then subjected to plating
under continuous vacuum until no further bubbles were observed. The composition,
temperature and pH of the plating bath maintained during the process are listed in Table
2.4. Thus, the complete methodology for the deposition of palladium on supports (porous
alumina as well as porous SS) followed was as mentioned in the schematic below Fig.

2.3.

l support cleaning

|

calcining at 300°Cin a
muffle furnace
: sol deposition using
Pd-Ag/alumina vacuum
catalytic sol for l YSZ sol for porous SS
porous alumina support
support calcining at 500°Cin a
muffle furnace
ACICIiIC S'nCI?Pde Pd activation of the sol Alkaline Pd acetate-
actwstljon orso > coated tubes hydrazine activation for
coate porous sol coated porous SS
alumina i

Pd-Ag deposition

l

Membrane testing at ambient temperature
using bubble point

|

Densification checked up to 2 bar
|

Fig. 2.3 Schematic of Pd-Ag membrane deposition steps for porous alumina and porous SS
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The coating thickness was calculated gravimetrically using the known density of
palladium (~12 g/cm®). Characterization of tubular structures using FESEM and AFM
causes problems in image focusing. Hence, square plates of alumina tube and porous SS

disks with same composition as that of tubes were used for effective characterization

simultaneously at each preparatory step.

Table 2.4 Plating bath composition

Plating bath components/conditions Amount/Value
PdCl, (g/L) 4
NH,OH (28 wt. %) (ml/L) 200

Na, EDTA (g/L) 70
N,H, (0.37 M) (ml/L) 5.6
Temperature (°C) 60

pH 10

2.6 Results and discussion

2.6.1 Support characterization and testing

The pictorial description and complete surface morphology of porous alumina and SS is
presented in Fig. 2.4a and 2.4b respectively. In case of porous alumina tube, the porous
section was connected to dense (non-porous) ceramic using glass enamel at both ends and
heat treated at 1000°C. Slow heating and cooling was followed in this step to achieve
crack free enamel coating on to the ceramic. Further, multiple coatings were applied until

a leak free joint was observed using water bubble point testing. For SS, the porous

58
TH-1764_126107017



section is welded to the non-porous end by diffusion bonding by the makers. The non-

porous end consists of a metal nut with ferrule bonded to it.

FESEM images in Fig. 2.4a show that the alumina substrate surface was extremely rough
with large voids distributed unevenly. Similar non-uniformities on surface morphology of
the SS were also found in Fig. 2.4b. FESEM image analysis was performed using ImageJ
software to determine the pore size distribution of both supports. Fig. 2.4c shows that
alumina has much narrower pore size distribution than SS. This indicates that the amount
of Pd required to have a dense membrane supported on SS would be much higher than

that needed for alumina.

Porous Alumina (@

$S316 connector

$5316 nut

Porous ceramic
coated with
glass enamel

Between connecter and nut is a graphite

Fig. 2.4a Support assembly FESEM images of porous alumina
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Fig. 2.4b Support assembly FESEM images of porous SS
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Fig. 2.4c Pore size distribution of porous alumina and porous SS
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Further, elemental distribution of porous alumina and SS from EDX analysis in Fig. 2.5a
and Fig. 2.5b is presented. The compositions observed matches the standard elemental

distribution mostly reported for alumina and SS 316 [67-69].
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Fig. 2.5 Elemental distribution of porous alumina and SS from EDX analysis a) porous

alumina and b) porous SS
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Bubble Point Testing

Fig. 2.6 shows that PSS consists of much larger pore size which thereby requires
minimum pressure of 0.5 bar for the gas flow. In contrary, porous alumina requires
minimum 1 bar pressure for bubbles to emerge and hence confirms the presence of
relatively smaller pores in comparison to porous SS. A pictorial representation of the
same has also been shown in Fig. 2.7. It can be observed that PSS required a minimum
pressure of 0.4-0.5 bar for bubbles to arise while porous alumina required a pressure >1
bar. Higher the pressure required for the bubbles to emerge smaller is the pore diameter.
This analysis also coincides with the pore size distribution observed using FESEM. Thus,
higher pore diameters suggest that it would provide minimum resistance to gas flow.
However, in terms of membrane synthesis that necessitates a morphology which is non-
porous or dense for hydrogen separation, the amount of palladium required to fabricate it
will be huge. Further, the coarse surface morphology will also hinder uniform metal
deposition. Hence, in order to create a uniform surface on top of the pores and between

Pd membranes, intermediate layers have been prepared.

B porous SS
6+ ¥ porous alumina

pore size distribution calculated
5 using bubble point method

Diameter (um)
1

0

T T T T T T T T T T

—T — 0
04 06 08 10 12 14 16 18 20 22 24

Pressure (bar)

Fig. 2.6 Bubble point testing of porous alumina and SS
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Fig. 2.7 Pictorial representation of porous SS (a-c) and alumina (d-f) with bubble point

testing
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2.6.2 Intermediate sol layer for porous alumina

Fig. 2.8 shows the Pd-Ag/alumina catalytic sol prepared using electroless deposition. The

figure shows fine dispersion of active metals on the support with total 4% metal by

weight Pd (2.4%) and Ag (1.6%). Fig. 2.8a shows uniform dispersion of metal on

alumina catalysts. Therefore, the same catalysts when deposited on the tube as a sol

provide an easy methodology to create a catalytic dense surface on alumina by improving

its surface properties for metal deposition. The sol having the same base material as the

alumina support showed good adherence with the support. Further, the pore size

distribution with catalytic sol was reduced to 4-6 nm as shown in the Fig. 2.8b. Hence,

with kinetic diameter of hydrogen about 0.289 nm, no resistance to its flow was assumed.

(a)

dv(d) cc/nmig
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Catalyst: Pd-Ag supported on alumina
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Fig. 2.8 (a-b) Pd-Ag/alumina catalysts for catalytic sol synthesis TEM image of the catalyst
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Fig. 2.8c Pd-Ag/alumina catalysts for catalytic sol synthesis: EDX analysis of the catalyst

The catalytic sol comprises 3 wt.% Pd-Ag on y-alumina as shown in Fig. 2.8c was
deposited on to the ceramic support by washcoating followed with drying at 90°C
overnight and calcining at 300°C thereafter. Since self-diffusion in alumina occurs at
temperatures > 1200 °C, the catalytic sol deposited on supports cannot be called as an
inter-diffusion layer. The sol was applied to minimize surface roughness of the alumina
support. Fig. 2.9 shows the FESEM image of the sol-deposited alumina tube. A smooth
morphology was observed with a thickness of approximately 83 pm. In order to
distinguish the effect of catalytic sol to smoothen the support surface, AFM analysis was
performed. From Fig. 2.10, it can be observed that sol deposition immensely improves Pd

morphology on support. Deposition of catalytic sol on alumina support reduced its
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surface roughness and provided a uniform surface with smooth finish. The root mean
square or roughness (RMS) roughness of ceramic tube was 0.2398 without sol coating

while the RMS roughness for ceramic with sol was 0.0237.

Mag= 500X  WD=43mm  Signal A= InLefdis
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—
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Fig. 2.9 FESEM analysis of Pd membrane deposited on alumina a) cross-section and b)

morphology
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AFM of Ceramic AFM of Sol Coated
Substrate Ceramic Substrate

Pd Deposition on Pd Deposition on Sol
Ceramic Coated Ceramic

Fig. 2.10 AFM analysis of catalytic sol deposited on alumina

2.6.3 Pd membrane deposition on porous alumina

Palladium membrane deposition on porous alumina with and without sol was compared.
In the direct palladium deposition method (without sol), prior to Pd plating, the alumina
tubes were activated with alternate dipping in acidic SnCl, and PdCh, to create a
nucleated layer of Pd on the non-conducting alumina surface until the whole surface of
alumina turns brown. Fig. 2.11 shows the pictorial representation of the alumina tube at

different stages in direct palladium deposition method.
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Ceramic tube
Pd activated tube

Pd deposited tube
1t cycle

Pd deposited tube
nt cycle

Fig. 2.11 Stages to membrane preparation by direct Pd de position using modified e lectroless

plating

The use of a relatively weak reducing agent such as SnCl, leads to a finely dispersed Pd
layer over the length of the tube. This pre-nucleated layer then acts as a catalyst during
subsequent hydrazine-led reduction cycles for the growth of multiple Pd layers until
complete densification of surface occurs. In conventional electroless plating, reducing
agent is directly mixed with plating solution for metal deposition on the substrate. In
contrast to the conventional method, reduction in the present method was targeted only
on the substrate with controlled addition of reducing agent on the substrate. The substrate
surface covered with reducing solution was then dipped in the plating bath and left until
the bubbles stop emerging. According to the reaction mentioned in reaction 2.4 nitrogen
bubbles will evolve which suggests that reaction is occurring. A smooth gray metallic
finish on surface was observed after one full cycle of coating as shown in Figure 2.11.
Further, using such contacting pattern, bulk reduction of Pd in the plating solution was

minimized. With the same methodology, square samples were also plated simultaneously
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with Pd to analyze the surface characteristics. Fig. 2.12 shows the morphology of

deposited palladium on alumina surface after first deposition cycle and after sixth cycle.

P ¢
j——— EHT= 200kv Mag= 1.06 KX WD=30mm Signal A= InLe| zmsl

30 pm*

Fig. 2.12 FESEM images of Pd deposition on alumina with direction de position method

It was observed that Pd particles grow perpendicularly and laterally around the nucleated
Pd, forming cauliflower-like agglomerated structure. During this stage, some pits on the
surface could also be observed. This may be due to insufficient surface coverage of
palladium.  With six continuous deposition cycles a much better surface coverage was
observed. However, despite a wide surface coverage with increased plating cycles,
complete densification of the surface was not achieved. This may be due to minor pits
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created due to bubble adherence on the surface and some spalling that occurred during
heat treatment. Non-uniform deposition as presented above and peculiar pin hole
positions on the tube were observed with the help of in-house built gas tightness testing
setup. It is believed that these peculiar pin holes may be generated by the non-
uniformities of the alumina substrate. Therefore, in order to cover the non-uniformities of
the substrate, a novel catalytic sol was synthesized. On top of a sol-coated alumina tube,
palladium deposition was performed in a similar manner as before until the entire surface
turned metallic grey. Surface characterization of sol-coated Pd membranes showed no
apparent crevices or pits as can be observed in Fig. 2.13. Further, the thickness of Pd
deposited on sol-coated alumina tube was also calculated. Nearly similar thickness of Pd
membrane in case of direct Pd deposition and Pd deposition on top of catalytic sol was

observed as presented in Table 2.5.

| EHT = 2.00 kV Mag= 10.00 KX WD= 3.9mm  Signal A = InLe{42E8

Fig. 2.13 Pd membrane deposited on sol-coated alumina tubes
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Table 2.5 Comparison of membrane thickness with and without sol coating

S. Membrane Weight  Weight of tube Weight of tube after Palladium
No. of after sol two cycles of thickness
alumina  deposition (g)  palladium (um)
Q) deposition (9)
1 Direct palladium 10.2903 -NA- 10.4878 5.2
deposition on -
alumina tube
with modified
ELP
2 Palladium 10.2199 10.4869 10.6785 5.08
deposition on
catalytic sol
coated v-
alumina tube

On this basis, we may suggest that catalytic washcoating is a viable technique to deposit
uniform and dense palladium surface for hydrogen separation studies. Further, catalytic
sol minimizes the use of rigorous electroless plating cycles to achieve dense Pd
membranes. Therefore, with the use of electroless plating a thin layer of reduced
palladium can be deposited on top of a dense catalytic sol surface wherein the catalyst

particles are also embedded in a reduced state.

2.6.4 Atomic Absorbance Spectroscopy (AAS)

Pd deposition was carried out using electroless plating by external contacting of
hydrazine with the membrane. Plating was carried out in multiple cycles and the amount

of Pd deposited was monitored using timely sample analysis using AAS. It can be
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observed from Fig. 2.14 that with the bare support, the deposited Pd in the first plating is
higher than the rest. Pd deposition also followed a sigmoidal curve which indicates that
after a given length of time, deposition gets stagnant. This may be because of the

decreasing amount of ammonia complexed PdCl; in solution with increasing plating time.
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Fig. 2.14 Atomic absorbance analysis of palladium de position a) deposition with increasing

cycle

2.6.5 Pd-Ag and Pd-Ag-Au membrane deposition on alumina

Pd/Ag has large Ilattice constant and therefore could suppress the induced lattice
expansion upon adsorption of hydrogen that causes embrittlement in pure Pd. Pd/Ag is
co-plated in a Pd-rich bath because silver deposition is faster than Pd, and higher Pd
content covers most of the active sites which otherwise in case of silver-rich bath get

passivated. Therefore, silver addition was performed intermittently during the Pd plating
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cycles. Alloying of palladium with silver increases hydrogen solubility. Silver has
Tammann temperature of 344°C [18, 20, 23, 33, 60] and therefore can be alloyed by
heating at 400°C. Elemental distribution of Ag deposited on Pd membranes is showed in
Fig. 2.15a. Further, cross-sectional elemental distribution was also observed as shown in
Fig. 2.15b. The thin membrane outline on the cross section of alumina can be distinctly

observed through this image.
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Fig. 2.15a EDX analysis Pd-Ag membrane elemental distributions
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Fig. 2.15b EDX analysis Cross-section of Pd-Ag membrane deposited on alumina
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Fig. 2.16 Galvanic displacement for Pd-Ag-Au membrane supported on alumina

Further, for Pd-Ag-Au membrane preparation, galvanic displacement was employed (see
Fig. 2.16). According to this methodology, a more noble metal is deposited on a less
noble metal and the dissolution of the less noble metal maintains the electroneutrality of
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the reaction. This means that there is oxidation of substrate and consequent reduction of
the ions of more positive element based on the standard reduction potential of metals [70,
71]. This result in a uniform Au layer deposition on the membrane once dipped in an

aqueous Au solution.

Metal composition of all membranes prepared was studied using energy dispersive X-ray
spectroscopy (EDX). The metal composition of Pd-Ag membrane was 90 wt. % Pd and
10 wt. % Ag. Further, Pd-Ag-Au membrane composition was 80 wt. % Pd- 14 wt. % Ag-

6 wt. % Au. Table 2.6 shows the metal composition of all prepared membranes.

Table 2.6 EDX metal composition of all prepared membranes

Metal Composition EDX
Pd-Ag 90 wt. % Pd and 10 wt. % Ag
Pd-Ag-Au 80 wt. % Pd- 14 wt. % Ag- 6 wt. % Au

2.6.6 Argon permeation in Pd, Pd-Ag and Pd-Ag-Au membranes supported on

alumina

A comparison of argon permeation through alumina tube with and without sol is also
presented as shown in Fig. 2.17a. At 673 K and increasing inlet pressure of pure argon as
feed, this testing was carried out to observe the argon permeation through the tubes.
Studies are conducted at relatively high temperature and at variable pressure to represent
hydrogen permeation conditions which is mostly performed beyond 623 K to avoid
membrane embrittlement in the presence of hydrogen. Further, the diffusivity of gases at

higher temperature also affects permeation behavior. Therefore, argon testing for all the
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tubes was carried out at 673 K. The scope of the study however, was limited to only
argon testing which will be used to validate the proposed hypothesis on better

densification using catalytic sol.

To carry out this study, all the tubes were connected to Swagelok SS316 fittings with
graphite ferrules in order to be connected to the membrane reactor (in this study, no
reaction was involved; only pure argon permeation). Further, argon permeation through
palladium membranes was carried out after 12 h of heat treatment in hydrogen
atmosphere to completely reduce the membranes and avoid presence of any oxide layers.

At constant inlet feed rate of 0.5 LPM, it can be observed that argon permeation achieves
a constant flow rate above 0.5 bar feed pressure for alumina tube as inlet rate becomes
equal to the outlet. Further, with effect of varying metal composition of membrane, no
significant change in argon permeation was observed. Pure Pd, Pd-Ag and Pd-Ag-Au
supported on alumina nearly similar argon permeation rates as shown in Fig. 2.17a.
Hence, 25-50% of Ar was able permeate through the membrane. This signifies that the
support non-uniformity is critical to fabricate dense membranes. Hence, inter-mediate
layers using a catalyst sol (Pd-Ag supported of alumina and dispersed in PVA) was used
to smoothens the rough support surface and enable reduction of argon permeation. Fig.
2.17b compares argon permeation through no sol coated and sol coated alumina tubes as
well as pure Pd membrane. It can be observed that using catalytic sol coating, an
additional restriction to argon permeation causes the permeate rate to decrease compared
to pure alumina and thus achieves steady flow rate of nearly 0.4 LPM above 1 bar
pressure.  Further, it has been noticed that reduction in permeate flow rate for catalytic

sol-coated membrane is much higher compared to without sol-coated membrane for the
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same thickness of palladium layer (~5 pm). Moreover, metal deposition was then
continued to achieve maximum densification. The maximum membrane thickness at
which hydrogen selectivity of at least 100 was observed was ~16 um, as presented in Fig.
2.17c. All permeation studies were therefore carried out with sol coated tubes followed

with metal deposition until a minimal H,/Ar selectivity of up to 100 was obtained.
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Fig. 2.17 Argon permeation through (a) through no sol coated pure Pd-, Pd-Ag, Pd-Ag-Au

membrane, (b) sol coated tubes, and (c) permeated argon vs. membrane thickness
2.6.7 Hydrogen permeation testing through prepared membranes

Permeation of hydrogen through palladium occurs by solution-diffusion mechanism

which involves several steps. The exponent (n) of equation 2.1 varies fromn = 05to 1
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depending on the rate limiting step. If the diffusion of atomic hydrogen through the metal
bulk of the membrane is rate determining step and hydrogen concentration in the Pd
based lattice (H/Pd) is lower than 1, the Sieverts law should be valid for which the

exponent is 0.5.

In this study, gold deposition on Pd-based membranes was carried out to minimize gas
leaks from the welds as well as small pin-holes on the surface. Pd-Au alloys are widely
reported in literature primarily to overcome H,S poisoning. However it is important to
note that improvement in hydrogen permeability occurs only with 10 wt. % of Au.
Beyond this point, hydrogen flux starts to decrease down to zero [72]. Fig. 2.18a shows
the picture of membranes used for hydrogen testing. Hydrogen permeance from the
prepared Pd, Pd-Ag and Pd-Ag-Au membranes supported on alumina is further shown in
Fig. 2.18b. The highest hydrogen permeance was observed with Pd-Ag membrane. This
IS because addition of Ag to Pd membrane makes hydrogen permeation not only through
the octahedral Pd sites but also tetrahedral Ag sites. However, gold addition showed a
drastic decrease in hydrogen permeability. This may be because hydrogen permeability
through gold is inherently small and therefore may require much higher trans-membrane
pressure for hydrogen permeation to occur. In contrast to the reported literature, it was
observed that even with 6 wt. % of Au, hydrogen permeability was negligible. This may
be because Au addition improves hydrogen permeation when added to only pure Pd and
not Pd-Ag. In this context, a recent article has also reported the activation energies for
Pdgs.9Ags.1 and Pdgg s-Ags.s-Ausg membranes to be 9.5 kJ/mol and 16 kJ/mol respectively
[72]; thus, the activation energy increases upon addition of Au to the Pd-Ag alloy. This

suggests that addition of Au affects the adsorption and dissociation steps in the solution-
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diffusion model of H, transport through Pd-based membranes. Hence, Pd-Ag
composition was observed the best for hydrogen permeation. Further, the same
composition was then deposited on to porous SS support. Table 2.7 shows the

comparison between all prepared membranes.

@ Pure Pd

Enamel
coated
Tube »

1.6x10°

I pd-ag t 400 © 0H.:50A (b)
| # at 400 °C and 50H,:50Ar (v/v)

I pd-Ag-au |
1.2x10°° -

8.0x10°

4.0x10° -
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at 1.5 bar at 2.5 bar
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Fig. 2.18 Prepared pure Pd, Pd-Ag and Pd-Ag-Au membranes a) picture and b) Hydrogen

permeability tested
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Table 2.7 Comparative performance ofalumina supported Pd-membranes at 400 °C,

pressure 1.5 bar and 50H,:50Ar (v/v) feed

Alumina-Supported Permeance (mols™ m?Pa®)  Ha/Ar Selectivity (-)
Membranes
Pure Pd 6.6 x 10 123
Pd-Ag 8.9x10° 107
Pd-Ag-Au 4x107 114

2.7 Pd-Ag membrane deposition on porous SS

Using similar electroless deposition methodology as detailed in the previous section, Pd-
Ag membrane on sol coated PSS was synthesized. YSZ sol was coated on the PSS
support using vacuum to obtain a uniform smooth texture on the support as shown in Fig.
2.19. Pd-acetate activation with vacuum was performed further until the surface achieves
a shiny black texture. This tube was then dried at 110°C followed with Pd-Ag deposition
sequentially. Nearly 10 deposition cycles, consisting of 0.5 g PdClL in each cycle, was
required in order to obtain dense membrane morphology. Fig. 2.19 also shows the stages
to Pd-Ag membrane synthesis with FESEM images starting from granular coarse surface
to a smoother membrane surface. The final Pd-Ag membrane was observed dense up to 1

bar. Fig. 2.20 shows the YSZ elemental distribution used prior to Pd deposition.
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Fig. 2.20 Elemental distribution of YSZ synthesized
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2.8 Hydrogen permeation through Pd membrane supported on porous

SS

Fig. 2. 21 shows that permeate hydrogen flux through PSS supported membrane increases
with increase in trans-membrane pressure difference as well as temperature. The
observed activation energy for the prepared membrane matches the values reported in
literature [7, 33, 45, 52, 59, 60, 66]. Hydrogen permeation was tested at temperatures
ranging from 200 to 400°C. A maximum hydrogen flux of 1 mol/m’.s was achieved using
pure Hy as feed with increasing pressure difference with Pd-Ag membrane supported on

YSZ coated porous SS.
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Fig. 2.21 Hydrogen permeation through Pd-Ag membrane supported on PSS a) Hydrogen

flux and b) activation energy

2.9 Supported Pd-membranes performance comparison

Fig. 2.22 shows that the hydrogen permeation rate through porous SS was much higher

than alumina-supported membrane. At all temperatures, hydrogen permeation rate
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through PSS tube was observed higher. This may be due to larger pore size in case of
porous SS in comparison to porous alumina. A large pore size therefore will reduce the
resistance to gas flow through the membrane and hence improve the permeation rate.
Moreover, due to higher pore size, the minimum pressure required for gas flow to occur
in case of PSS is also low. Therefore, it may be suggested that there always lie a tradeoff
between the pore size that provides minimal resistance and amount of Pd required for its

densification.

In comparison to porous alumina tube, the requirement of Pd was higher in SS. However,
with higher hydrogen flow rate, the performance of Pd-Ag membrane supported on YSZ
coated PSS tube may be suggested as more efficient. Moreover, a comparative chart of

prepared membrane performance with the reported literature is presented in Table 2.8.

2.4 4 I Pd-Ag supported on sol coated alumina

- 1 I Pd-Ag supported on sol coated PSS
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Temperature °C

Fig. 2.22 Comparison of SS and ce ramic supported Pd membranes
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Table 2.8 Comparative literature review

Membrane Supported on Porous Alumina

S.  Membrane Intermediate Layer Membrane Reactor Operating Pressure H, H,/Ar Ref.
No (particle size) Preparation ID(cm) Temperature Difference Permeance Selectivity
Method (°C) (bar) (mols™*m? )
Pa™')
1 PdeosAQssA  ZrO, (110 nm) ELP 10.2 600 1 5x10° 2557 [72]
Usg

2 Pd YSZand YSZ-y-ALO;  ELP -NA- 550 1 1.76 x 10° 50 [63]
mixed sol (7-15 nm)

3 Pd nil ELP -NA- 300 1 1.9x10° 384 [73]

4 Pd Y SZ-y-AlL,O; mixed sol 500 1 2x10° >350 [45]
(5-20 nm)

5 Pdys-Ags Pd-Ag followed by ELP 4.27 500 1 4.6 x10° 2000 [74]
Y SZ-y-AlLO; mixed sol

6 Pd-Ag PVA ELP -NA- 500 1 -nil- 958 [75]

7 Pdgo'Aglo Pd'Ag on ’Y'Alzog ELP 14.5 400 1 8.9 X 10_b 107 This
catalytic sol work

Membrane Supported on Porous Stainless Steel (PSS)
8 Pd Metal oxide ELP 1.35 450 25 251x 10° 100 [19]
9 Pd -nil- ELP -NA- 550 6 2.3x10° 1750 [76]
Pd-27Pt 1x10° 626
Pd-0.3Ru 24x10° 1860

10 Pd-Ag Oxidized support + ELP 0.8 400 15 -NA- 400 [77]

'Y'A|203+ Pd- 'Y'AI203 (0X|d|ZEd
support)

11 Pd-Ag v-AlLO; mixed sol or in- ELP -NA- 450 1 9.1x 10" 300 [66]
situ hydrothermal
synthesis of NaA zeolite

12 Pdy-Agie  YSZ ELP 14.5 400 1 1.473 x 10° 122 This

work
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3.0 Summary

Chapter 2 focuses on methodology and challenges related to membrane deposition on
alumina as well as SS supports. Therefore, the primary aim of this chapter was to present
systematic synthesis procedure and characterization of membranes prior to ideal
hydrogen flux testing. Hence, with the maximum hydrogen selectivity of 100 observed in
the current work, chapter 2 only shows the ideal hydrogen flux at varying trans-

membrane pressure differences.

In this chapter, preparation of dense palladium membranes was investigated using
electroless deposition on two different supports, porous SS and porous alumina. A
modification in conventional electroless deposition methodology was applied by
contacting hydrazine to the support external instead of the plating solution. Progress in
reaction was observed using atomic absorbance spectroscopy with a dilution factor of
100. Continuous deposition was simultaneously assisted with bubble point testing in
order to identify points from where leak occurs at the desired operating pressure.

Following can be outlined as the major observations from the current chapter:

» Hydrogen permeation rate through Pd-Ag deposited on YSZ coated PSS was
observed to be higher than Pd-Ag on alumina. A higher area used for Pd-Ag
membrane supported on PSS results in this enhancement. Further, the large pore size
in PSS provides minimum resistance for gas flow. This behavior was observed using
bubble point testing wherein a minimal pressure required for gas to flow through

uncoated PSS was 0.5 bar in contrary to porous alumina which was more than 1 bar.
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» Pd-Ag membrane deposited on porous SS and porous alumina supports provide
certain advantages as well as disadvantages: Brittle nature of ceramic tubes causes
immense loss during its connection with SS fittings. Narrow pore size distribution of
the alumina support required pressure more than 1 bar for gas to pass through the
pores which in case of PSS was 0.5 bar. However, a narrow pore size led to a
reduced amount of PdCL required for membrane densification in case of porous

alumina.

» In case of PSS, excessive corrosion of SS tubes affects the deposition process
resulting in pinhole creation. This was minimized using Pd-acetate activation
methodology and by avoiding direct contact of PSS with either HCI and PdCl,.
Further, effective removal of rust was observed using oxalic acid. Further, SS
strength minimizes breakage and loss of membrane deposited tubes in comparison to
huge losses incurred with membrane deposited on porous alumina. Higher pore size
in porous SS necessitates increased number of deposition cycles for membrane

densification.

» Lastly, from these observations PSS-supported Pd membranes showed better

performance than Pd-Ag on alumina and were therefore considered for integration

studies.
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Chapter 3

Hydrogen Separation: Optimization of Membrane

Separator Design

Abstract

This chapter discusses the design and optimization of membrane separator with baffles to
determine the hydrogen separation efficiency of self-supported Pd-Ag membranes.
Separation of hydrogen with high purity as well high recovery is a challenging task. Pd-
Ag membranes can achieve both provided the membrane surface is non-porous, surface
inhibition is negligible and a high H, partial pressure difference across membrane is
maintained. However, it was observed that hydrogen partial pressure not only changes
across the length of membrane but also changes radially along the length of separator.
Therefore, membrane separator with three longitudinal baffles arranged in zigzag fashion
inside the separator was devised. Gas permeation studies were carried out using
50H,:50N, (v/v) feed composition. The final arrangement was tested using a mixture
composition of 50H,:30N2:18C0,:2C0O (v/v) that simulates a synthetic reformate mixture

from methanol steam reforming.

Hydrogen permeation was quantified through single membrane at different positions
inside the separator. With this study multiple membrane arrangements were identified to
optimize hydrogen flux from a multi-pass high throughput membrane separator unit.

Consequently, flow dynamics inside the reactor was simulated using ANSYS 14.5 under
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similar conditions as that of gas permeation studies performed. An optimal arrangement
identified 33% enhancement in hydrogen recovery with multi-pass in comparison to
single pass. Further, with the optimal membrane arrangement in a multi-pass membrane

separator, the performance of supported Pd-Ag membranes was also compared.

3.1 Introduction

Membrane separator is principally a purifier that is used to separate hydrogen from
various components of reaction products such as CO,, CHy, CO, unreacted CH;OH and
H,0. A critical parameter that is required to be optimized from a membrane separator is
hydrogen recovery. Hydrogen recovery through membrane mainly depends on trans-
membrane hydrogen partial pressure, temperature, competitive adsorption of different
species present in the mixture and concentration polarization. For high hydrogen selective
membranes, the continuous permeation of hydrogen will essentially develop a layer of
non-permeable gases present in the mixture, which acts as a barrier. This barrier is often
termed as concentration polarization. Hence, in order to obtain maximum hydrogen
recovery, separator design can be developed which minimizes the occurrence of
concentration polarization and competitive adsorption of different species on membrane
surface. One of the typical ways to minimize both is sequential integration of reaction
assembly in series with the membrane separation assembly. Sequential integration
provides the benefit of removing the excess steam and unreacted methanol before the
gases produced by the reaction contact with the membrane. Such segregation allows
independent control of temperature for both reaction and membrane end but makes the

system bulky.
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Using Pd-Ag membranes for hydrogen separation, this chapter discusses the role of
separator design and membrane arrangements to improve hydrogen recovery from the
synthetic mixtures gases (without methanol and water). Hence, the results can also be
seen as an output of sequentially integrated membrane with reaction assembly as
methanol and water vapour is separated. In literature, studies on hydrogen permeation
through dense Pd-Ag membranes are widely reported [1-7]. The flux of hydrogen
permeating through the membrane (ju2) is proportional to hydrogen partial pressure
difference and inversely proportional to the thickness (J) of membrane layer as shown in
equation 3.1. The proportionality constant is the membrane permeability (Pe).

_Pel n n

j
H 2, retentate H 2, permeate

2
According to Sieverts law, if the diffusion of atomic hydrogen through the metal bulk of
the membrane is the rate-determining step and hydrogen concentration in the Pd lattice
(H/Pd) is lower than 1, the value of exponent, n, is 0.5 [8, 9]. In literature, slight deviation
in the n value from 0.5 to 1 is reported for mixture gases [7, 10, 11]. This is mostly
attributed to decrease in hydrogen flux due to the following reasons: i) competitive
inhibition in the presence of other gases such as CO and CO; blocking hydrogen
adsorption sites [2, 10] and ii) decrease in hydrogen permeability due to concentration
polarization [10, 12, 13]. Inhibition of hydrogen permeation by the CO and CO, can be
minimized at higher temperatures (> 673 K), as was also observed in our earlier study
[14]. However, in concentration polarization, a concentration boundary layer develops
along the membrane surface due to accumulation of less permeable species. This leads to

decrease in hydrogen permeation due to extra resistance [12, 13, 15, 16]. Though
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increasing the feed flow rate can help in minimizing the concentration polarization, a
decrease in contact time with an increase in flow rate will drastically reduce the permeate
H, recovery [2, 17, 18]. Introduction of sweep gas on the permeate side therefore is also
reported in the literature to reduce the concentration polarization [19-22]. It is found that
sweep gas flow rate (co-current or counter-current) lowers the hydrogen partial pressure
on the permeate side which increases the trans-membrane pressure difference and hence
increases the hydrogen flux. However, beyond a critical sweep gas velocity, both H; flux
and H; recovery become constant, and sweep gas plays only a marginal role in improving
hydrogen permeation [23, 24]. Recently, baffles were used to minimize the concentration
polarization [18, 23, 25-29]. Mori et al. [29] investigated reactors with different diameters
rand reactors with baffle plates to reduce the concentration polarization. It was reported
that an increase in linear velocity of gas flow could reduce the concentration polarization
due to decrease in contact time. This can be achieved by either reducing the diameter of
the reactor or with baffle. The use of baffle was found to be more effective [29]. Chen et
al. [18, 23, 25] have numerically investigated the effect of baffle location, baffle pattern
and baffle diameter to shell diameter ratio on hydrogen separation through Pd membrane
in the presence of sweep gas. Noticeable improvement in hydrogen recovery using one
axial baffle around a single membrane was observed. However, hydrogen recovery was
found not to increase proportionally with increase in the number of baffles around the
membrane. Apart from these studies, baffle inserted inside membranes [26, 28] and slit-
type baffles incorporates on the surface of the membrane [27] have also been reported to
improve flux as a result of intense fluctuations of local wall velocity and wall shear

stress. It becomes clear from these studies that with a suitable reactor configuration using
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baffles, concentration polarization can be minimized that can result in higher hydrogen

flux.

In all the above-reported studies, baffles are placed along the length of the membrane
which effectively reduces the diameter of the separator and generates instabilities which
start at the baffle tip. This baffle-generated instability/turbulence reduces the thickness of
concentration boundary layer by increasing mixing and minimizes the effect of
concentration polarization. However, most of these studies are based on numerical
approach and reported for single membrane in a relatively small diameter system while
extensive experimental data are missing. Further, no study is reported for longitudinal
baffle arrangements in a large diameter system, which is inevitable for high throughput
system due to the requirement of a large number of membrane tubes. The use of
longitudinal baffle not only changes the diameter of the separator and hence enhances
mixing, but also provides flexibility for multi-pass membrane separator system. This
multi-pass membrane arrangement system can provide better control on hydrogen partial
pressure in each pass by varying the number of membranes and hence can significantly
increase the hydrogen recovery. With the aforementioned hypothesis, in the present
chapter experimental and simulation studies are reported for a membrane separator
system with and without longitudinal baffle assembly. Initially, experiments are
performed without baffle with a single membrane to determine the maximum hydrogen
flux and recovery for a binary gas mixture at varying temperature and pressure
conditions. Thereafter, experiments are performed with three longitudinally baffles
(which provide four passes) arranging the single membrane at different locations to find

the effect of location on permeate flux in a large diameter system. Further, experiments
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are performed with and without baffle with multiple membranes, arranging the
membranes at different locations inside the separator, to find the most effective
membrane assembly which provides high hydrogen recovery and flux. Computational
fluid dynamics (CFD) simulations are performed to understand the effect of baffles on
gas \elocity and flow path. Finally, performance of single and multiple membrane
separators with and without baffles are compared to quantify the effect of baffles on

hydrogen flux and recovery.

3.2 Literature review of gas separationstudies using Pd-based

membranes

Hydrogen separation from mixtures gases has been widely studied in order to determine
the hydrogen permeation rate through the membrane in the presence of other gas
components. The permeation performance depends on hydrogen selectivity of the
membrane and hydrogen permeation in the presence of other gas components. Hence,
hydrogen permeation at varying temperatures, pressures, feed composition and sweep

gases are widely reported.

Cheng et al. [30] reported the performance of palladium membrane using commercial
alumina as support for permeation of single gas and town gas mixture which consist of
49% H,, 28.5%CHy,, 19.5% CO, and 3% CO. Hydrogen flux in the mixture was reported
to be less than 1/5™ of that observed for pure gas permeation of hydrogen. Decrease in
gas permeation was due to CO blocking the hydrogen adsorption and dissociation sites,
as also reported by Amandusson et al. [31]. It was also reported that under certain

conditions, carbon dioxide reacts with hydrogen on the palladium membrane to form
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more carbon monoxide and water. However, the membrane did not suffer any irreversible
damage with repeated separation and pure hydrogen permeation conducted alternately.
Lowered hydrogen flux also caused decrease in hydrogen purity, with CO concentration

in permeate ranging from 0.03-0.8%.

Sanchez et al. [32] performed separation of syngas synthesized from gasification of coal,
biomass or wastes using a Pd membrane (OD = 2.54 cm, L = 15 c¢cm) over 593-873 K and
0.15-1.2 MPa. Three gas compositions were studied: (i) 63.9% Ny, 17.2% H, and 18.9%
CO, (i) 69.8% N, 25% H, and 5.2% CO, and (iii) a synthetic unconverted shift gas
mixture with 17% H,, 19%CO, 7%CO, and 57% H,O. It was reported that at feed
pressures above 150 kPa all hydrogen was able to permeate through the membrane. An
increase in permeability from 0.153 mol.m?s™ at 593 K to 0.215 mol.m?s? at 723 K was
reported because the reduction in exothermic hydrogen adsorption on palladium at high
temperatures was dominated by increase in the rate of diffusion. Presence of N, was
reported to decrease H, permeation flux in Hy/N, mixtures due to concentration
polarization and hydrogen depletion along the membrane. Presence of steam also caused
lesser stability in hydrogen permeation due to axial and longitudinal concentration
gradients. Carbon monoxide caused severe deactivation of palladium-based membranes
due to competitive adsorption. However, at higher temperatures inhibition was milder as
permeation flux was observed to be 0.022 mol m? s at 593 K and 0.040 mol m? s at
723 K. H; recovery was reported to be much smaller, 47% at 11.5 kPa (feed pressure 1
MPa), with simultaneous presence of N, CO,, steam and CO compared to pure H,

permeation, 100% at 723 K and driving force 6.8 kPa%® (feed pressure 10 kPa).
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Augustine et al. [17] studied palladium supported on Inconel using three gas mixtures:
61.7% H, and 38.3% He (mixture A); 61.7% H; and 38.3% CO, (mixture B); 61.7% Ho,
37.1% CO; and 1.2% CO (mixture C) using reaction pressure 14.4 bar and temperature
500°C. At GHSV exceeding 30,000 h* and 14.4 bar feed pressure, hydrogen flux was
reported 98% of the pure hydrogen flux for mixture A, 76% for mixture B and 74% for
mixture C. With mixture B, decrease in hydrogen permeation with the presence of CO,
was reported to occur due to boundary layer resistance in addition to CO; inhibitory
effect. Further, increase in temperature did not result in any change in hydrogen
permeation in the presence of CO,. Contrary to this, presence of CO using mixture C was
reported to immensely affect hydrogen permeation behavior. They reported that hydrogen
flux at 350°C was 65% of the pure hydrogen flux and increased to 74% at 500°C. Hence,

strong inhibitory effect of CO was reported at lower temperatures.

Gallucci et al. [2] investigated the surface effects of N2, Ar, CO and CO, on hydrogen
permeation through Pd membrane at temperature 250-450°C and 2-3.5 bar. It was
suggested that a long term permeation test (>200 h) is necessary to find stationary value
of the hydrogen permeation flux as a non-constant hydrogen flux through Pd is always
reported in literature (Dittmeyer et al.[33] , Mardilovich et al.[34] and Lessing et al.
[35]). Dilution of H, in feed causes decrease in H, permeation rate and so % H,
decreases. At low temperatures (<350°C), strong interactions between CO and palladium
atoms (surface effect) were reported which caused some induced modifications on the
surface leading to nonlinear slope of hydrogen flux in contrast to H»/N,. High

temperatures result in less pronounced surface effects of CO.
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Hou and Hughes [36] evaluated the effect of external mass transfer, competitive
adsorption and coking on Pd/Ag supported on alumina at 275-450°C and pressure of 4
bar. Ratios of the experimental hydrogen flow (Fexp) to the predicted Hy flow (Fpredicted)
were plotted to give a measure of the effects of competitive adsorption of other species
with hydrogen on hydrogen permeation through the membrane. Nitrogen was observed to
have negligible adsorption effect, while 1% steam was observed to decrease permeation
by 60%, 1% CO, reduces H, permeation by 10% and 1% CO decreases permeation by
40%. However these negative effects decrease with increase in temperature from 350—

450°C.
3.3 Experimental and simulation details

All the experiments were performed using 100 pm thick, 15.2 cm? area self-supported
dense commercial Pd-Ag membranes, as they give no additional resistance to permeation.
They also avoid the formation of micro-cracks on the metallic surfaces. These
membranes were supplied by REB Research & Consultancy®, USA having tube outer
diameter of 1/8 inch with one end closed and the other bonded to a metal stub that could

be connected with Swagelok® fittings to the reactor as shown in Fig. 3.1.

Membrane length 6”, 0.D.1/8”, 100um thick

Fig. 3.1 Self-supported Pd-Ag membrane connected to the reactor

103
TH-1764_126107017



Initial membrane surface characterization studies were performed with field emission
scanning electron microscope (FESEM) to measure the thickness and observe the surface
morphology. Elemental composition of the membrane film was determined by the energy
dispersive X-ray spectroscopy (EDX). Fig. 3.2 shows the schematic of multi-pass
membrane separator used in the current study. The inner diameter of the membrane
separator was 14.5 cm and height was 40 cm. The separator was made of SS310 so that it
can safely be operated at high temperature. A large volume reactor was designed to
accommodate three baffles of 30 cm length each. Two baffles were assembled closer to
the edges of the reactor vessel while one baffle was affixed at the center of the tube sheet

at the top of the reactor. Baffles were designed of same material SS 310 as the reactor.

Although the reactor can accommodate 10 membrane tubes, in the current study a
maximum of four self-supported Pd-Ag membrane tubes from REB Research and
Consultancy® USA were used. These membranes were 6 in. long, 1/8 in. diameter with
Pd-Ag layer thickness of 0.1 mm and composition 78.65% Pd and 21.35% Ag. To
strengthen the membrane tube, the manufacturer has inserted a spring that prevents
collapse under high pressure. These membranes are dead-end type membranes with one
end welded and the other end brazed to a SS stub by the manufacturer. The SS stub can

be fitted to the reactor using gas tight Swagelok® fittings.
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Fig. 3.2 Schematic of multi-pass membrane separator

Preliminary permeation studies were performed at temperatures ranging from 623-723 K,
inlet feed rate of 0.3—1 LPM and gauge pressure ranging from 2.5-3.5 bar with no sweep
gas. The optimized condition from the single membrane performance was then studied to
observe the hydrogen separation behavior for multiple membranes (4 membranes in
number)  with composition 50H2:50N, v/v. Using baffles, different membrane
arrangements were tested to find the best arrangement for enhanced H, recovery and fiux.
To observe any effect of CO/CO;, inhibitions, optimal membrane arrangement,
performance was further studied with synthetic reformate mixture composition
50H,:30N>:18C0,:2CO by volume. The volume fractions of 18 CO, vivand 2 CO viv

were taken to simulate a reformate fraction on dry basis. For each experiment, continuous
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analysis of feed, retentate and permeate side gases were performed by using gas
chromatography (GC) with a series arrangement of column porapak Q and molecular
sieve. Thermal conductivity detector was used for this purpose with argon as carrier gas.
For all the cases, the performance of membrane was quantified based on hydrogen flux

on the permeate side (equation 3.1), % H, recovery (equation 3.2) and gas hourly space

velocity (equation 3.3).

FH permeate (3.2)

Hydrogen Recovery =
(FH 2, permeate * FH2 retentate J

wolumetricflowrate

3.3
reactor volume

GHSV(h 1)=

Equation 3.2 defines hydrogen recovered at the permeate side which is the ratio of mass

flow rate of hydrogen on permeate side Fj, permeate to the total hydrogen in feed.

3.3.1 Numerical Simulation

The flow dynamics in membrane separator were simulated by using commercial software
ANSYS 14.5%. The simulation geometry was kept exactly same as of the experimental
setup. Mesh was created using Gambit® 2.4.6 without baffle and with baffle
arrangements. Unsteady state simulations are performed with pure hydrogen gas as the
feed. Continuity, momentum and energy equations (shown in Table 3.1) are solved to

find the temperature and velocity profile inside the separator.
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Table 3.1 Governing equations for numerical simulation of the membrane separator

Governing equation

Continuity equation (p)+ V.(pov) =0

R

Momentum equation 2(,0\7) v (p\7\7):—Vp+V ?+pg

S

Energy equation 0

2 () +v.(ot)=v.(5T)

To find the flow path line, discrete phase model (DPM) simulations are performed where
neutrally buoyant particles of very small size are injected through the inlet. To achieve a
smooth curve, 1000 particles are injected at a given time and their path lines are recorded
for both with-baffle and without-baffle case. The detailed simulation parameters are
given in Table 3.2. Simulations were performed for 100 s with 75 s time averaging

period.
3.4. Membrane preliminary characterization

Initial membrane characterization studies were performed to observe dense surface
morphology, thickness and composition of the membrane. Using scanning electron
microscopy (SEM) analysis presented in Fig. 3.3a, the thickness of the membrane cross-

section was determined to be 0.1mm.
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Table 3.2 Outline of simulation parameters and boundary conditions

Simulation Parameters

Mesh grid size 3x3 mm
Time Transient

Single phase mixture model
Model Energy On

Viscous Laminar

Boundary conditions

Velocity inlet: 0.15 m/s; temperature 300 K

Left wall: stationary; No slip; temperature 673 K
Right wall: stationary; No slip; temperature 673 K
Top wall: stationary; No slip; temperature 500 K

Bottom wall: stationary; No slip; temperature 500
K

Outlet: Pressure outlet

Fluid

Pure H,

Pressure—velocity coupling

SIMPLE

Spatial discretization

QGradient: Green—Gauss cell based
Pressure: Standard
Momentum: Second order upwind

Energy: Second order upwind

Time stepsize (s)

0.00001
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FESEM cross-section of Pd-Ag membrane FILM 100pm ( b) Element weight%
Pd 78.65
Ag 21.35

0 1 2 3 B 5 6 7
WD = 38mm Mag= 150X IFull Scale 1532 cts Cursor: 0.000 keV|

[, = 4 =
{ .>' 200 pm EHT = 5.00 kV Signal A = InLens

Fig. 3.3 Self-supported Pd-Ag film: a) cross-section with FESEM and b) elemental detection
using EDX

The composition of the membrane determined using EDX analysis was 78.65% Pd and

21.35% Ag, as presented in Fig. 3.3b. The dense surface morphology of the Pd-Ag

membrane was also observed with FESEM analysis at 3KX followed with maximum

resolution up to 18KX as presented in Fig. 3.4a and 3.4b. It was observed that apart from

distinct grain boundaries no pinholes were present on the membrane surface.

Fig. 3.4 Self-supported Pd-Ag film surface analysis with FESEM: a) at 3K X and b) at 18KX
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3.5. Membrane separator

A “multi-pass” membrane separator was designed ‘in-house’ to study the hydrogen
permeation behavior of self-supported Pd-Ag membranes. Initially, for a single
membrane, hydrogen permeation studies were performed at different temperatures and
pressures using 50 H2:50 N, v/v as feed. Using the same binary gas mixture, experiments
were performed to estimate the change in hydrogen recovery with increasing gas-hourly
space velocity (GHSV). Further, as the experiments are performed in a relatively larger
diameter vessel, effect of membrane position on the hydrogen recovery was studied for
single as well as multiple membranes. Flow inside the membrane separator was simulated
using commercial software ANSYS 14.5 for two case studies: with and without baffie.
The effect of baffles on hydrogen recovery was studied to find the optimal membrane
arrangements for larger diameter system. In the last stage, the experiment was performed
with mixture gases (Hz, CO,, CO and N3) using the best possible membrane arrangement
and at the optimized process conditions to find the inhibition effect of CO and CO, on

hydrogen separation.
3.5.1 Optimization of process conditions

The first stage of hydrogen separation using the multi-pass membrane separator requires
process optimization for single membrane. Thermal activation of Pd-Ag membranes was
performed in pure H, environment for 3—4 hours at 400°C in order to make sure that the
surface is clean from any contaminants that may have been introduced during the
manufacturing process. Flow stabilization was performed for the system to achieve
steady state. Initial experiments were performed with a binary gas mixture in which
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hydrogen was diluted with an equal amount of nitrogen, i.e. using a composition
50H,:50N, viv. The feed composition of 50H,:50N, (v/v) was used in order to simulate
50% by wvolume of hydrogen mostly present in a typical methanol reformate product
stream [2, 12, 37, 38]. Nitrogen was used as a diluent as it causes no inhibition to
hydrogen permeation [14, 39]. The same was determined in our previous study where
similar permeate flux was observed for pure H, and 50H,:50N, for the membranes used
in the current work [14, 40]. Therefore, single membrane permeation performance was
investigated with 50H2:50N, as feed by increasing the feed pressure from 2 to 3 bar,
temperature 623-723 K at a constant inlet feed rate of 0.3 LPM. The permeate side
volumetric flow rates of gases were measured by using a soap bubble flow meter. The
hydrogen permeate flux was calculated by dividing the permeate flow rate at steady state
conditions by the membrane surface area (15.2 cm? for single membrane). With hydrogen
flux vs. difference in the square root of the partial pressures between retentate and

permeate plot, linearity of slope was identified (Fig. 3.5).

The slope of flux versus the difference of square root of the hydrogen partial pressures
provides H, permeance of the membrane wherein a linear fit of slope with pressure
exponent n= 0.5 indicates that bulk diffusion of hydrogen through palladium layer is the
rate controlling step. Further, hydrogen permeation not only increases with pressure but
also with temperature, as shown in Fig. 3.5. An increase in pressure increases the
adsorption of hydrogen on palladium surface and an increase in temperature increases the
hydrogen diffusivity through the membrane, and hence both increase the hydrogen fiux.
Hydrogen flux at all temperatures and 3 bar pressure ranged between 0.095 and 0.13
mol/n?.s.
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Fig. 3.5 Effect of increasing pressure and temperature on permeate hydrogen flux

Further, at constant temperature (673 K) and pressure (3 bar), the effect of increasing

GHSV was investigated as shown in Fig. 3.6.
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Fig. 3.6 Effect of increasing gas hourly space velocity (GHSV) on hydrogen recovery
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Increasing GHSV as shown in equation 3.3, increases the inlet feed rate, which reduces
the contact time of gases with the membrane and hence decreases the permeate hydrogen
recovery. These results clearly indicate that contacting between feed gas and membrane
plays a critical role in hydrogen permeation and it can be modified by controlling the
contact time and pattern. The contacting becomes more critical when membrane is used
in a large diameter system and/or when several membranes are used for the separation.
Therefore, further studies were performed by placing the membrane at different locations

inside the membrane separator at a fixed operating condition.

3.5.2 Effect of membrane positioning on single membrane performance: with and

without baffle

The overall objective of the study reported in this section was to find the effect of
membrane positioning on the hydrogen flux. In contrast to the single-membrane studies
of the previous section, where single membrane was located at the outlet position for its
process optimization study, the current section investigates the performance of the same
single membrane with respect to its location in a large diameter membrane separator. For
each test, a single membrane was kept at inlet, center and outlet side individually, one at
each time for each cycle. Each cycle refers to heating the system under nitrogen at
desired operating conditions, balancing the composition, measuring the H, flux obtained
at steady state and finally cooling the system to ambient temperature and pressure under
continuous nitrogen flow. After the flow was stabilized, the hydrogen permeate flow rate
was measured to determine the hydrogen recovery for each membrane position. A

schematic representation of each experimental run performed to investigate single
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membrane performance at three locations within the shell: inlet, center and outlet, is

shown in Fig. 3.7a.

Corresponding to Fig. 3.7a, the hydrogen recovery measured for each membrane position
is presented in Fig 3.7b. It can be observed that H, recovery without baffle shows a
marginal increasing trend from inlet to center while it abruptly declines at the outlet side.
This was surprising as the membrane contact area, inlet feed rate, temperature and
pressure were same in all the conditions, and hence the only possible reason for such
behavior can be the contacting pattern.

To infer on gas flow pattern inside the membrane separator, simulations were performed
in ANSYS 14.5 at the same operating conditions as of experiments in an empty separator
without membrane. The CFD simulation was performed in 2D. The CFD simulation was
performed to study the flow dynamics and to understand effect of baffles on flow
profiles. This work presents simulated velocity profiles inside reactor (with and without
baffle) performed using ANSYS Fluent under similar operating conditions as that of
experiments. Further, no membrane was considered during this simulation. The local
velocity around the baffles affect the residence time of gases in that region. Hence the
analogy was presented to support the experimental observations with simulated velocity

profiles.
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Fig. 3.7a Schematic of single membrane at three locations within the shell:
Inlet, center and outlet

Fig. 3.8a and 3.8b show the contour of grid independent axial gas velocity and tracer
particle path lines (colored according to time spent by the particle inside the separator)

which are injected to find the contacting pattern.
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Fig. 3.7b Effect of membrane position on hydrogen recovery
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Fig. 3.8 a) Contour of grid independent axial gas velocity and b) tracer particle path lines,

obtained from CFD simulations.

Fig. 3.8a and 3.8b clearly indicate that both velocity and gas contact change significantly
with change in position. Near the inlet or outlet position, gas contacting with the
membrane was observed minimal. . However, at the center better contacting is evident
due to the path of gas that showed maximum flow at the center. This resulted in higher
hydrogen recovery at the center of the column. To improve the contacting pattern of inlet
gas with membrane, baffles are introduced in the longitudinal direction as shown in the
schematic Fig. 3.9a. Similar to previous studies, a single membrane is placed at three
different locations (inlet, center and outlet) inside the separator in the presence of the

baffles.
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Fig. 3.9 ¢) Contour of grid inde pendent axial gas velocity with baffle and d) tracer particle

path lines with baffle

Fig. 3.9b shows that in the presence of baffles, for each position higher hydrogen
recovery was achieved compared to without baffles (see Fig. 3.7b) for the same operating
condition. However, even in the presence of baffles, maximum recovery was observed
when the membrane was placed at the center location. Further, the recovery at the outlet
position was marginally lower than the inlet position. This was mainly because of better
contacting between the gas and membrane in the presence of baffles, which is shown in
Fig. 3.9c and Fig. 3.9d. It can be observed that at the inlet and outlet, the velocity of the
gas is marginally higher due to higher pressure gradient, and hence the residence times of
tracer at these zones are lower compared to that at the center of the column. Therefore,
higher recovery was observed at the center compared to the inlet and outlet zones.

However, in each case the recovery in the presence of baffles was significantly higher
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than without baffles.  The maximum flux achieved experimentally using a single
membrane at center position was approximately 0.035 molm?.s (corresponding to 36%
H, recovery) without baffle and 0.04 mol/m®.s (corresponding to 39% H, recovery) with
baffle at 673 K, 3 bar, inlet feed rate 0.3 LPM and 50H2:50N, v/v feed composition. A

comparative chart of this work with reported literature is presented in Table 3.3.
3.5.3 Multi-pass Arrangements Using Multiple Membranes

A major advantage of using “multi-pass” was not only to increase the path length of
gases, but also the extent of gas back-mixing caused by the insertion of baffles that
improved hydrogen recovery through the membrane. However, this also indicates that
due to the same gas back-mixing, contacting between the membrane and gas improved.
Therefore, through the same length of membrane tested with and without baffle, the
residence time of gases around the membranes improved, resulting in better contacting
and thereby higher hydrogen recovery. This resulted in designing different membrane

arrangements.

To find the optimal membrane arrangement which can provide maximum hydrogen
recovery and flux, six different arrangements were studied as shown in Fig 3.10a. Three
baffles were used at different zones inside the shell of the reactor to provide systematic
flow direction to inlet gases. In case I, all the four membranes are placed at the center of
the shell and were separated by a central baffle. In case II, two membranes were placed
near the inlet and one membrane each was placed at the center and near the outlet. In case
I1l, two membranes were placed at the center of the shell and one membrane each at the

inlet and at the outlet side. In case IV, all the four membranes were uniformly distributed
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across the shell while in case V, one membrane each was placed at the center and the
inlet, whereas two membranes were placed near the outlet. To compare the effect of
baffles and membrane arrangements on overall separation, experiments were also
performed with four membranes at the center of the shell without having any baffle as
shown in case VI. It is worthy to note that in the case of a single membrane without
baffles, maximum recovery was achieved when the membrane was placed at the center.

Hence, case VI represents the best possible arrangement in the absence of the baffles.

The performance studies of different arrangements as discussed are presented in Fig.
3.10b. The maximum hydrogen recovery and flux from permeate side was observed for
case | and minimum was observed for case VI. Significant differences in permeate flux
and hydrogen recovery were observed between case Il and case V in relation to hydrogen
recovery for single membrane which was obtained nearly similar when placed at the inlet

and the outlet as shown in Fig. 3.9b.

This is mainly because of partial pressure across the membranes, which changes
significantly with change in membrane location in case of multi-pass arrangement. For
case Il, two membranes are placed at the inlet where they come in contact with fresh
feed, and hence the separation is more as the partial pressure of hydrogen across these
two membranes is higher. However, for case V, two membranes are placed at the outlet
where the partial pressure of hydrogen across the membranes is lower due to the
separation of hydrogen by the membranes placed at the inlet and center of the column.
Therefore, these results also suggest that partial pressure across the membrane plays a

critical role and can be tuned with suitable membrane and baffle arrangements.
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Similar reason is valid for relatively low hydrogen flux and recovery in case Il compared
to case Il. Case | had the maximum hydrogen flux and recovery mainly due to relatively
high contact time (low velocity) at the center position of the separator as shown in Fig.
3.9c and d. With the baffle in place, 33% more recovery was found compared to the case
when baffles were not present. A direct comparison of single and multiple membrane

performance with and without baffles is presented in Fig. 3.11.

For a single membrane, not much difference in Hy recovery could be witnessed with or
without baffles. This is evident because the partial pressure over a single membrane
cannot change much with or without baffles and the change in recovery is mainly due to
the contacting pattern and time. In case of multiple membranes, when separation study
was performed without baffles (case VI) hydrogen recovery was 47% in comparison to
79%, observed in case | with baffles. Comparing the above inferences, it can be reported
that using baffles, a major increase in Hy recovery from 47% (single pass case VI) to 79%
(multi-pass case |) was witnessed as a result of the huge role played by hydrogen partial

pressure inside the shell and the enhanced gas residence time.

Further, in terms of scalability, an increase in the number of membranes did not
necessarily increase the hydrogen recovery proportionally. Without baffles, a single
membrane at the center of the shell resulted in 36% hydrogen recovery whereas four
membranes at the center led to 47% hydrogen recovery (case VI). Similarly, using baffles
single membrane gave 38% hydrogen recovery while 79% recovery was observed with
four membranes. Therefore, the loss in overall hydrogen recovery with baffles was much

lesser compared to the loss in recovery without baffles.
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Fig. 3.11 Comparison of single and multiple membrane performance with and without

baffle

Hence, it can be stated that a major portion of loss can be recovered using baffles inside a
membrane reactor for enhanced hydrogen recovery. Table 3.3 shows the comparison of
the results of the current study with the results available in the literature, for synthetic gas
mixture as a feed against dense Pd-Ag membranes. However, no literature report was
found where the effect of multi-pass was investigated on enhancing hydrogen recovery
experimentally. Few simulation-based studies are available wherein the effect of baffles
has been reported. Amongst these, Chen et al. [18] reported H, recovery up to 37% using
radial baffles in their numerical study using Pd/Ag membrane of 20 pm thickness at 10
bar inlet feed pressure. In comparison, a similar trend has also been observed in the

current study using longitudinal baffles with maximum hydrogen recovery of 79% using
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four self-supported Pd-Ag membrane of 0.1 mm thickness at 3 bar inlet feed pressure, 0.3

LPM inlet feed rate and 673 K temperature.

3.5.4 Mixture composition

From various membrane arrangements studied, the best arrangement (case 1) was then

utilized to investigate the effect of CO and CO» on the hydrogen recovery and flux at the

same operating condition (673 K, 3 bar) using a mixture gas composition of

50H,:30N,:18C0,2CO by wvolume. Fig. 3.12 shows a slight reduction in hydrogen

permeance with mixture composition; however, no drastic decline was observed.
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Fig. 3.12 Hydrogen permeance with optimal membrane arrangement using pure Hy,

50H,:50N, and 50H,:30N,:18C0,:2CO

Table 3.3 shows a comparative chart of the hydrogen permeance and recovery through

the multi-pass membrane separator in comparison to the reported literature. The observed
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permeance is akin to the reported literature. Further, what needs to be noted is the
hydrogen recovery. It may be suggested that baffles may indeed be used to minimize

recovery losses in these systems.

3.6 Comparison of performance of self-supported membrane with

prepared supported membranes

A comparative hydrogen flux testing between self and supported Pd membrane without
baffles was performed. Preparation and testing of supported membranes was detailed in
chapter 2. Fig. 3.13 shows that hydrogen permeation rate of supported Pd membrane was
much higher than self-supported Pd. For self-supported membrane thickness of Pd was
0.1 mm because higher thickness gives the necessary mechanical strength to the self-
supported membrane. In contrast, the thickness of supported Pd membranes is
approximately 30 pm each. Reduced thickness thereby improves flux. At similar trans-
membrane hydrogen partial pressure difference, Pd supported on PSS showed the
maximum flux. As discussed in the chapter 2, the pore size distribution of PSS was much
wider than alumina. Ideally, lower pore size supports are considered viable for faster
dense membrane preparation. However, PSS despite having higher pore size gave a

significant improvement in hydrogen flux.
3.6.1 Membrane separator with baffle for prepared membranes

In order to observe the effect of baffle, self-supported membrane performance was also
observed with the prepared Pd-Ag membranes supported on PSS. Fig. 3.14 shows the
increase in hydrogen flux compared to Fig. 3.13 for both self-supported and supported
membranes.
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Table 3.3 Comparative literature review of membrane as separator

No.of Pd Feed Membrane Permeance % H, H, Ref.
tubes Thickness  (mol/m?.s.Pa)  Recovery Purity
(Hm) (%0)
3 50H,/ 50N, 84 2.4x107 -NA- -NA- [32]
-NA- 17H,/ 19CO/  -na- 1.3x10° Below 50% -NA- [38]
7CO2/ 64N>/
57steam
9 80H; / 20N, 20 4x10° 10-90% 99.6 [41]
1 28H,/ 4.7CO/ 50 1x107 80% -NA- [17]
10CO2/ N3
(balance)
/ 34.7steam
-NA- 70H,/ 18CO/ 13.8 1.33x 10 -NA- -NA- [29]
12C0O;,
-NA- 50H,/ 50N, 7.2 4x107 18 99.7 [39]
4 80H,/20CO, 4 1.1x10°® 90 >99.5 [10]
1 61H,/ 37C0O,/ 10.5 2x10° 85 97.5 [42]
1.2CO
1 60H,/ 10CH4/ 100 35x10” 7.5 >99 [17]
30CO;
1 50H,/ 50N, 45 1.01x10® -NA- -NA- [2]
1 50H,/ 50N, 60 2.13x10® -NA- -NA- [43]
1 80Hy/ 10CO/ 2.2 7.4x10” -NA- >99 [44]
10N,
1 50H,/ 50Ar 1 1.9x10°® -NA- -NA- [45]
1 50H,/ 50N> 100 1.13x10° 36 99.997 This
without work
baffles
1 with 50H,/ 50N, 100 1.29 x 10° 38 99.997 This
baffles work
4 50H,/ 50N, 100 1.61x10° 46 99.997 This
without work
baffles
4 50H,/ 50N, 100 2x10° 79 99.997 This
With work
baffles
(Case 4)
Case 4 50H;: 30N,: 100 1.78 x 10°° 74.4 98 due to This
With 18CO,: 2CO CO & work
baffles CO, leak
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Moreover, it can further be stated that Pd-Ag supported on PSS was
observed to give the best performance as membrane separator both with and

without baffles.
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Fig. 3.13 Hydrogen flux comparison between self-supported and supported Pd membranes
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Fig. 3.14 Hydrogen flux comparison between self-supported and PSS supported Pd
membranes with baffles
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3.5 Summary

In the current study, a ‘multi-pass’ modular shell and tube based membrane separator was
used to optimize the separation performance of 0.1 mm thick self-supported Pd-Ag
membranes. The performance of both single as well as multiple membranes (total four in
number) was evaluated. The effect of single membrane positioning and multiple
membrane arrangements was studied to enhance hydrogen recovery at low pressures.
These membrane arrangements were made with the aid of “multi-pass” by placing baffles
on the shell-side that would eventually increase the path length of gases, thereby
providing higher residence time for effective gas separation. Initially, single membrane
gas separation performance optimization was carried out using binary gas, 50H2:50N,

(VAVv), mixtures.

e Under the optimum operating condition observed, i.e. 673 K temperature and 3 bar
pressure, multiple membrane performance was studied by using different
arrangements separated with baffles. It was observed that hydrogen recovery changed
with different membrane arrangements. This indicates that these arrangements cause
the Hy partial pressure inside the shell to either fall progressively (observed in case Il
to case IV) or abruptly (observed in case | and VI) thus strongly affecting the
hydrogen recovery. The maximum hydrogen recovery (79%) was observed for case |
at temperature 673 K, pressure 3 bar, inlet feed rate 0.3 LPM and composition
50H250N, Vviv. In order to observe the effect of baffles on these membrane
performances, both single membrane and multiple membranes (optimal arrangement)

were studied without baffles.

128
TH-1764_126107017



e |t was observed that for a single membrane only a marginal improvement in hydrogen
recovery (2.5-3%) was found in the presence of baffles. In contrast, the performance
of multiple membranes showed 46% hydrogen recovery without baffles and 79% with
baffles. Therefore, nearly 33% enhancement in hydrogen recovery was observed in the
presence of baffles.

e In addition, an important aspect to be noted here is that the loss in hydrogen recovery
with multiple membranes was immensely reduced due to the baffles. Lastly, the
optimal arrangement was tested using a simulated reformate mixture composition of
50H,:35N,:14C0,:3CO by wvolume at same operating conditions. In this case, a
marginal decrease in hydrogen permeance was observed, but no significant inhibition
by CO and CO; was found.

e Based on the comparison with literature presented in Table 3.3, this study stands at par
with other reported works despite a high membrane thickness of 0.1 mm and the lower
total surface area available (because of the use of only four membranes). In the
presence of baffles, maximum 79% hydrogen was recovered (case 1) at 3 bar pressure.
Further, due to the increased contact time using baffles under adequate pressures,
hydrogen recovery through a membrane reactor can be vastly benefitted. These
parameters may aid in achieving targeted scale up for future studies.

e Lastly, membrane performance was also compared between self-supported and the in-
house prepared membranes. Hydrogen flux for the prepared membranes both on
porous alumina as well as PSS was observed higher than self-supported membranes.
Increase in flux with the prepared membranes may be because of the reduced thickness

of membrane using the porous supports in comparison with 0.1mm thick self-
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supported membranes. Further, higher flux using the prepared Pd-Ag membrane on
PSS was also observed as multi-pass separator.
e Higher performance of the prepared membranes than the self-supported also indicates

the feasibility of the synthesized membranes for further integration studies.

3.6 Nomenclature

Pe Permeability, m.mol/m?.s.bar®>
Ju, Hydrogen permeate fiux, mol/m?.h
PZZ,permeate Partial pressure of hydrogen in permeate, n=0.5

PH,,.oma.  P2rtAl pressure of hydrogen in retentate, n=0.5

o Thickness of membrane, m

Mass flow rate of H, in permeate, kg /s

HZ,permeate !

Mass flow rate of Hy in retentate, kg /s

HZ,retentate

v Velocity, m/s

p Density, kg/m®
P Pressure, Pa

h Enthalpy, kcal/kg
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T Temperature, K

g Acceleration due to gravity, m/s?
k Thermal conductivity, W/m. K
T Shear stress, Pa
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Chapter 4

Catalysts for Methanol Steam Reforming: Preparation,

Characterization and Testing

Abstract

The current work investigates multiple monometallic as well as bimetallic catalysts
supported on ALOs3-Zn-ZrO, to determine a catalyst with minimal CO selectivity at
higher ~ temperatures for methanol steam reforming. Using incipient wetness
impregnation, monometallic catalysts with Cu, Ni, Fe, Pd and Ru as active metal were
synthesized and compared with bimetallic catalysts having Fe as the second metal.
Bimetallic catalysts such as Cu-Fe, Ni-Fe and Ru-Fe were synthesized, characterized and
tested along with Ni-Cu and Cu-Ru supported on AlLOs3-Zn-ZrO,. For all catalysts, metal-
support interactions were characterized in detail using temperature programmed
reduction (TPR). Activity testing was performed in a fixed bed reactor at 350°C, gas
hourly space velocity (GHSV) of 9000h™ and steam-to-methanol (S/M) ratio of 3 (molar
ratio). Nearly zero CO selectivity was determined for Cu-Fe supported on Al,O3-Zn-ZrO,
up to a temperature of 450°C. Further, nearly 4 to 5 times enhancement in hydrogen
production rate was observed with Cu-Fe supported on AlLOs-Zn-ZrO, in comparison to

its monometallic counterparts.

The optimized Cu-Fe supported on AhLO3-Zn-ZrO, was further tested at varying metal

molar compositions, temperatures, steam-to-methanol (S/M) molar ratios and weight
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hour space velocity W/F ratio. Here, W refers to the mass of catalyst and F referes to the
molar flow rate of methanol in feed. Lastly, reaction mechanism was proposed using

information from in situ DRIFT IR analysis.

4.1 Introduction

Production of hydrogen using organic resources such as water, methane, methanol and
ethanol via electrolysis, steam reforming, cracking, dry reforming, partial oxidation or
auto-thermal reforming is widely studied [1-7]. Amongst these, hydrogen production
using methanol via steam reforming is a widely applied process due to its high efficiency
both at laboratory and pilot plant scale. The benefit of steam reforming is high hydrogen
yield at relatively low temperature. Under favorable conditions, steam reforming can
generate a product stream containing 75% H; and 25% CO; on a dry basis. However,
since steam reforming is an endothermic reaction, higher Hy yield has only been reported
at higher temperatures, but it comes at the cost of increasing CO [8-13]. Presence of CO
can be dis-advantageous for following reasons: a) excess CO generation deteriorates the
reforming catalyst’s activity over time and also causes poisoning, b) excess CO also has
poisoning effect on palladium membrane used for hydrogen separation, and ¢) CO above
10ppm contaminates the Pt-catalyst loaded in the fuel cell anode. Therefore, it is

important for a membrane reformer to design a catalyst that has minimal CO selectivity.

In literature, catalysts used for methanol steam reforming mostly include transition metals
(belonging to the group 8-10) because of their high catalytic activity. Such high activity
results from their ability to adopt multiple oxidation states and thereby provide path with
lower activation energy. Noble metal catalysts have been reported with sufficient
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reforming activity over a wide temperature range; however, their high cost limits large
scale implementation. Amongst noble metal, Pd and Ru are considered active catalysts
for methanol reforming but both show high CO selectivity as well [16, 17]. High CO
selectivity in these catalysts is primarily suggested to occur by methanol decomposition
[17]. In contrast, non-precious metal catalysts for methanol steam reforming mostly
include Cu, Ni and Fe. Copper is a low cost, highly abundant metal well known to
transport oxygen, catalyze oxidation-reduction reactions and possess high hydrogen
selectivity. High metal surface area and low metal particle size are mostly targeted to
attain highly active copper catalysts. To attain that, addition of ZnO and ZrO, to copper-
based alumina-supported catalysts has been reported [13, 18]. Addition of zinc oxide
improves copper dispersion while ZrO, reduces the CO vyield [18, 19]. In addition to that,
supports such as CeO, [20], ZnO-AkLO3 [11, 13, 17, 21], ZrO, [12] and MgO [22] have
also been extensively studied to prepare the catalysts with minimal CO selectivity. The
combined interaction between the active metal and the support brings about the complete
catalytic functionality. This is because the physico-chemical properties of a carrier
significantly affects the existing surface reactions either by modifying the electrical

properties of the metal or by promoting the activation of intermediate species [7].

Ni-based catalysts are mostly applied due to their inherent activity towards C-C and C-H
bond cleavage [14]. However, Ni-based catalysts are susceptible to carbon formation that
results in faster deactivation of these catalysts when exposed to hydrocarbon fuels for
long term applications [15]. In comparison to Ni and Cu, Fe is also an abundant transition
metal with a number of different oxidation states and ability to oxidize and reduce easily.

Faster oxidation of Fe results in decomposition of Fe-metal to metal oxides during
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catalysis which is considered less catalytically active. Therefore, in order to improve the
catalyst performance Fe is mostly incorporated with other metals [16]. With different
supports, CO formation in Cu and Ni monometallic catalysts has mostly been reported in
the range of 3-18% while it is 30-40% CO in case of Pd, Ru and Fe supported on Al,O3
or ZrO, or CeOy, supports and up to 0.8-6% for Pd, Ru and Fe supported on In,O3, ZnO
and Ga,03 [17].

A drastic change in CO selectivity with In,O3, ZnO and Ga,O3 was reported to occur due
to alloy formation. In order to further investigate on effect of alloy formation on CO
selectivity, bimetallic catalysts have recently gained wide attention. Bimetallic catalysts
show distinct electronic and chemical properties in comparison to parent metal.
Cooperative interactions between two metals in a bimetallic catalyst show different
structures according to metal properties, metal-support interactions, atmosphere
(oxidative and reductive) and temperature. Depending on these interactions, bimetallic
structures in the form of heteroatom and nano-alloys have mostly been reported in
literature [18]. For instance, rapid decrease in catalytic activity of Ni due to metal
sintering and coke deposition can be partially inhibited using additional metals such as
Cu [19]. In a similar manner, addition of Fe to Ni supported on cerium has also been
reported to suppress carbon formation rate. High redox property of Fe causes the transfer
of oxygen atoms from Fe to Ni which thereby promotes reaction between carbonaceous
species and oxygen species [20, 21]. Therefore, with the literature reported, it is evident
that in order to elimnate CO formation bimetallic catalysts are indeed promising.
However, to negate CO formation even at higher temperatures, choice of optimal

bimetallic catalysts still remains an open question.
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In the current work, range of monometallic (Cu, Ni, Fe, Pd and Ru) as well as bimetallic
(Cu-Fe, Ru-Fe, Ni-Fe, Ni-Cu and Cu-Ru) catalysts with 3% metal loading supported on
70AL03-15Zn-127r0, were synthesized using incipient wetness impregnation method.
As copper is the primary metal targeted for optimization studies, support composition
chosen was adapted from literature that reported the synergistic effects that exist between
copper and AkLOs3-ZnO-ZrO, [11, 12, 22-24]. Further, alumina as base also provides high
surface area as well as required thermal stability to the catalyst. Catalyst activity of
monometallic vs. bimetallic was compared at a constant temperature of 350°C, gas
hourly space velocity (GHSV) of 9000h™ and steam-to-methanol molar ratio (S/M) of 3.
Morphological as well as microstructure characterization was performed using field
emission scanning electron microscopy (FESEM) and transmission electron microscopy
(TEM). The best performing bimetallic catalyst was targeted to achieve maximum
hydrogen yield with effect to increasing metal loading in the range of 3 to 33% and zero

CO selectivity.

4.2 Methanol steam reforming (MSR)

4.2.1 Literature survey on catalysts for methanol steam reforming

Catalysts for methanol steam reforming include active noble metal catalysts like Ir, Au,
Ru, Pd, Pt and Rh, non-noble metal catalysts like Cu, Ni and Co, and oxide catalysts such
as MgO, AlLO3, V,0s, Zn0O, TiO,, ZrO,, CeO,, Sm,03, Lay03-Ak03, CeO,-ALO3, MgO-
ALO3 etc. As the small metal particles tend to sinter at low temperatures, they are applied
onto a pre-existing support material which is thermally more stable and maintains high

surface area even at high temperatures, affecting dispersion and stability of the metal. For
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instance, ZnO increases copper dispersion and reducibility of Cu/ZnO. ALOs; improves
surface area of copper thereby preventing it from sintering during calcination. ZrO,
enhances catalytic activity of the catalyst. ZrO, can also easily adsorb methanol and
improve the mobility of lattice oxygen. It thereby inhibits thermal sintering of the
particles, prevents poisoning of the active metal surface and ensures additional chemical
and thermal performance stability which is very important for industrial catalysts.

Table 4.1 shows a brief literature review on the catalysts tested for MSR.

From Table 4.1 it can be summarized that in methanol steam reforming many literatures
has reported the presence of CO in reformate with increasing temperatures. This
occurrence is mostly suggested due to reverse water gas shift that causes CO» utilization
resulting in CO production. Since reforming is an endothermic reaction, higher H; yield
has only been reported higher with higher temperatures but it comes with at the cost of
increasing CO. Therefore it is essential to synthesize catalysts that can give 100%
conversion at low temperatures, in order to minimize CO production or completely

inhibit CO generation without affecting the hydrogen yield.
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Table 4.1 Literature review on catalysts for MSR

Catalytic Catalyst S/M  Operating Conditions Support Reactor H,outlet CO Conversion
composition amount  ratio surface  j.d.* flow rate Tole (%)
@ ) ar;eza MM (mmol/ 7
(rg) kgcat.s)

15atomic%Cu- 0.1 1/1  Temperature 200-330°C  100-125 6 -NA- 0-18 73 @ 250°C
C_e°~6 Zro-‘_‘ Inlet Flow Rate 0.4mL/hr 90 @ 275°C
mixed oxides

GHSV 40,000 h't 100 @300°C
Cu/ 0.1 1.3/1 Inlet Flow Rate 38.6 119 -NA- 186 -nil- 100 at
ZnzZtAl (SP) mL/mlp; methanol (16.6 tempe;rature
70/18/10/2 mL//min) >345°C

Temperature 140-345°C

W/F 0.00259 g/(cm’/min)
Cu-2Zn- 2 1.3/1 Temperature 250°C 56 12 -NA- -NA- 100
A0 catalysts
(CP)
Cu60/Zn/zr -NA- 1.3/1 Temperature 200-300°C 111 25with -NA- 043  -not
/15wt% AbLO3 Space velocity 10,000h™ 22mm_ mentioned-

monolit
h

Cu3- 15 1.3/1 Temperature 200-300°C 184 25 180 0.4- 100
12%/Zn/Zr 1.2

/15wWt% AbLO3

GHSV 25000 ht

Ref.

[25]

[9]

[10]

[26]

[11]
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6.4 Wt.% 0.3
Pd/ZnO

Cuwzn/zr/Al 3
8/4/2/86

M-MCM-41
(10wt.%M:Cu,
Co, Ni, Pd, Zn
and Sn)

CuzZnGaOx 0.4

NA-

1.4/1

3/1

2/1

Methanol WHSV 47 ht

Temperature 260°C

Inlet flow rate
0.26mL/min

WHSV 11 kg cat/(mol.s)

SIM 1.4
GHSV 2838 h*
Temperature 350°C

Temperature 150-200

W/F 180 Kgcat.s/mol

Inlet Feed Rate
0.1mL/min

Cu Dispersion 30.52

-NA-  -NA-
162 19
1039 6.2
79 4

-NA-

217

-NA-

-NA-

15

1.2

17.7

60

81

82 (highest
with Cu)

22.5 @150°C

[27]

[12]

[8]

[28]

*Here, i.d. refers to internal diameter,
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In order to investigate the mechanism of CO formation in methanol steam reforming as a
secondary byproduct, Breen and Ross [9] conducted a Kinetic study by testing
CwZnO/ZrO,/ALO3 at varying W/F ratio (0.001 to 0.0013 g/min.cm®) and temperatures
(200 and 300°C). In-situ DRIFTS analysis was further performed to analyze the reaction
intermediates. CO formation was reported to occur at higher contact times and not below
0.003 g/min.cm®.  100% methanol conversion was reported at 300°C. DRIFTS analysis
was reported with generation of formate species once water is added to methanol.
Conversion of formaldehyde and methoxy species produced formate species. No
evidence of gas phase CO or adsorbed CO was reported. Further, with the kinetic study it
was reported that CO did not form when methanol was present, and that CO» and H, were
the primary products. However, when methanol was fully converted, CO was evident in
the gas stream.

Idem and Bakhshi, [29] tested copper alumina catalysts with Cu concentrations ranging
up to 27.8 wt.% at 170-250°C and WHSV of 16.7 h'*. The catalysts were prepared by co-
precipitation and tested with respect to varying calcination temperature. It was reported
that copper dispersion did not play a significant role in methanol conversion. Higher
calcination temperature results in the formation of large amounts of CuAl,O, and metallic
Cu with subsequent reduction. Thus, higher calcination temperature resulted in formation
of highly dispersed Cu crystallites and large metallic copper area. However, increasing
metal dispersion was reported to decrease turn over number (TON) for methanol
conversion. This indicates that metallic Cu obtained from CuAlLO4 is less efficient for

methanol conversion than metallic Cu obtained from the reduction of CuO, Cu,O and
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Cu(OH),CO3. CO formation for methanol steam reforming was reported in the range of
0to 1.5 (mol%) at 170-250°C.

Lindstorm et al. [11] tested three sets of copper (3 to 12 wt. %) based catalysts:
Cuwzn/zrO,, CulCr/ALO3 and Cu/Zr/ALOs; to investigate the influence of catalyst on
methanol reforming and formation of CO. Testing of the catalysts was performed in a
fixed bed reactor with 15g catalyst pellets, at 25000 GHSV h™! over a temperature range
of 150 to 300°C. Reactants were fed with 30% excess steam. Lowest CO formation was
reported with Cu/Zr, while highest activity was reported with Cu/zZn.

Similar study to investigate CO formation using Cu (Zn) (Zr)-alumina was reported by
Pant et al. [12] using different catalyst preparation methods such as co-precipitation and
wetness impregnation. Addition of ZnO and ZrO, as promoters was reported to enhance
the surface area of the catalysts in case of co-precipitated catalysts. Further, ZrO,
addition was reported to enhance catalyst surface area with wetness impregnation in
contrast to only zinc. At W/F 11 kger mol* s, S/M 1.4/1 and temperature range 200—
260°C, CO mol % with precipitated CuZnZrAl catalyst was reported between 0 to 0.8
mol % while for wetness impregnation it was between 0.7 to 2.5 mol %. Stable activity of
precipitated CuZnZrAl was observed for a period of 20 h.

In addition to noble metal based catalysts, bimetallic catalysts have received considerable
attention owing to cooperative interactions between two metals that result in stable and
optimal catalytic performances. This interaction between two metals can be a structural
as well as a surface (geometric and electronic) phenomenon. It mostly results in the
formation of a hetero-structure to core shell, nano-alloys or intermetallic. Further,

electronic density increase or decrease also results in a change in activity and selectivity
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of the catalysts. Generally, formation of a surface alloy is considered as a determinant for
the chemical behavior of bimetallic system. Bimetallic catalysts reported for methanol
steam reforming include Ni-Cuw/ALO3 [19, 30], Au-Cu [31], Au-Ni [31] supported on
multiwall carbon nanotubes (MWCNTSs) and Pd-Zn supported on alumina [32, 33], ceria
[34] and zinc oxide[35].

Copper-based catalysts are widely reported in literature for their high hydrogen
selectivity. However, the inherent disadvantages of copper-based -catalysts such as
sintering above 260-280°C, self-healing properties which may negatively impact
operation and handling procedures lead to substantial loss of activity. Hence, noble
metals such as Pd for methanol steam reforming activity are also tested. llinich et al. [34]
reported power law kinetic equations for methanol steam reforming activity using a ceria-
supported Pd-Zn catalyst which was promoted with yttrium (developed by BASF). Alloy
formation between Pd-Zn was reported. However, contrary to reported literature, CO
formation was reported as a consequence of direct methanol decomposition. Rate of
methanol decomposition (MD) was reported to be significantly higher than reverse water
gas shit (rWGS) which establishes that methanol decomposition is a dominant pathway
for CO generation using Pd-based catalysts supported on alumina as well as ceria. Role
of yttria was not significantly highlighted in this study.

Hence, it can be observed that metal support interaction and metal-metal interaction plays
a significant role in determining the catalyst activity. A schematic to describe the effect
of such metal support interaction that results in a change in reaction mechanism is
presented in Fig. 4.1. It illustrates that for non-noble metal such as Cu showed in Fig.

4.1a, catalyst activity with ZnO and ZrO, promoted alumina results in the formation of
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formate species as intermediate product that gives CO, and H; as final product. The
acidity and basicity of the support governs the synergistic effect of the metal clusters
interaction with the supports that causes an increase in metal surface area, metal
dispersion and easier reduction of metal oxide. Similarly, with noble metal, a distinct
change in reaction mechanism can be observed with ZnO and ZrO, in comparison to
alumina as presented in Fig. 4.1b. However, a high methanol decomposition (MD)

activity with noble metals such as Pd results in final product composition of CO and CO».

SR (a) CH,OH +H,0 (b)
Cu-based
4 -y Pd-based
sippatted.on supported on supported
ZnO-Al,0, Zn0, 2r0,, A0, sup;;c:rtoed on on Zno,
273 Zro,
MD followed Dehydration to Methyl
with WGS formate . :
CH,0CHO + 2H, Primary yield Formaldehyde
@ hydrolysis decomposition intermediates
CO, +3H, products
) ' Formicacid HCOOH @ @
] CO+3H,
CO, +H, CO+3H, ’

Fig. 4.1 Schematic of reaction mechanism for methanol steam reforming (MSR): a) Cu-
based catalysts and b) Pd-based catalyst

4.2.2 Catalysts preparation methods

The two widely applied techniques for catalyst preparation includes co-precipitation and
impregnation. Co-precipitation provides high metal dispersion with high attainable metal
loading up to 60-80%, because of which catalysts prepared by this method are also
termed as bulk catalysts [36]. However, this process creates lot of problem with its super

saturation conditions above which the product is to be separated from the large quantities

148
TH-1764_126107017



of waste salt generation. Impregnation on the other hand is a widely applied process not
only on lab scale but also industrially [37]. It primarily refers to the contacting of a solid
and a liquid phase and adsorption of the latter by the former. Dry incipient wetness refers
to the impregnation of the previously dried support with a solution containing precursor
of the active phase i.e. V=Vpqre. The solution gets sucked in the pores by capillary action
and in case of proper wetting no excess solution is left outside, henceforth called dry or

incipient wetness impregnation.

4.3 Experimental

4.3.1 Catalyst preparation

All monometallic and bimetallic catalyst preparation was carried out using incipient
wetness impregnation. Metal salts such as copper Il nitrate trinydrate (Merck, reagent
grade), ferric nitrate nonahydrate (Loba chemie), nickel Il nitrate hexahydrate (Merck,
reagent grade), palladium chloride (Spectrochem), ruthenium (IIl) chloride hydrate (Alfa
Aesar), zinc nitrate hexahydrate (Merck), zirconyl nitrate (Loba) and aluminium nitrate
nonahydrate (Merck) were used as raw materials. Metal loading for all catalysts was 3%
with support of fixed composition AlbOs-Zn-Zr (70:15:12). To prepare the support,
alumina was synthesized using ammonium hydroxide and cetykrimethylammonium
bromide (CTAB) as surfactant with precipitation method at pH 10.5 [38]. The
precipitated alumina was further calcined at 500°C followed by crushing and sieving the
alumina power to the size of 200 pm. Zinc nitrate and zirconyl nitrate were then added to

the alumina by incipient wetness impregnation.
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4.3.2 Catalyst characterization

All catalysts and supports were calcined after preparation at 500°C for 5 h. Surface area
determination of porous supports was performed using Brunauer-Emmett-Teller (BET)
[39] analysis from N, adsorption-desorption isotherms at 77 K, degassing at 200°C for 2
h (Quanta chrome Autosorb iQ). Pore volume was calculated using Barrett-Joyner-
Halenda (BJH) models [40].

Temperature programmed reduction (TPR) experiments were performed for all catalysts.
The equipment used for the TPR experiment was CHEMISORB 2720. For a typical
experiment, 40 mg of catalyst was placed in the center of a quartz reactor using quartz
wool. The temperature of the catalyst was recorded by a thermocouple inside the catalyst
bed which was connected to a temperature controller. The reactor tube was heated by an
electric furnace. The calcined catalyst was degassed in situ at 200°C under flow of Ar (30
ml/min). After cooling the sample to approximately 25°C, the temperature programmed
reduction was performed using 9.35% Ha/Ar gas mixture as reducing gas. The sample
was heated up to 850°C at a rate of 10°C/min.

Particle size distribution was studied using TEM (JEOL) images for the best performing
catalyst. The morphology of the reduced and reacted catalysts was analyzed by FESEM
(ZEISS-FESEM, Sigma) technique to determine the nature of the agglomerates on the
catalyst. Further, Raman spectroscopy was performed to determine any carbon present on

the spent catalysts.
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4.3.3 Catalyst activity

Steam reforming of methanol (SRM, equation 4.1) was performed in a fixed bed reactor
made of SS 310 with 20 mm inner diameter, 600 mm length. The reactor is assembled
with electrically heated furnace and PID controllers. 1.8 gm of pre-calcined catalyst
mixed with quartz of same size in a ratio of 1:22 respectively was used in all the
experiments. Catalyst bed height of 2 cm, GHSV 9000 h*, temperature 350°C and S/M
ratio 3:1 (mol: mol) were kept constant throughout. The value of S/M ratio was selected
based on our previous work [41]. Two thermocouples were connected to the reactor,
wherein one thermowell was kept just on top of the catalyst bed while the second was
maintained at the lower end of the reactor to observe the temperature gradients. The
catalysts were reduced ‘in situ’ with the stream of Hy/N, mixture for 1-2 hours before
starting the reaction. A mixture of steam and methanol was passed through a pre-
evaporator along with nitrogen prior to entering the reactor. The product effluent was
passed through the condenser in order to separate the produced reformate gas mixture
from unreacted methanol and water. Reformate gas produced was analyzed by Nucon®
5765 Gas Chromatograph equipped with thermal conductivity detector (TCD) having
carbosphere packed bed column. All catalysts were synthesized with total 3% metal
loading and support composition of 15Zn-12 ZrO,-70ALOs (Wt.% basis). A total metal
percentage of 3 was used to determine the best performing metal and metal composition
catalyst prior to optimizing the metal loading.

Hydrogen production using methanol mostly occurs in stages of three processes: steam

reforming of methanol (SRM, equation 4.1), methanol decomposition (MD, equation 4.2)
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and water gas shift (WGS, equation 4.3) depending on the reaction condition and type of

catalyst used.

SRM: CH,OH + H,0 < 3H, + CO, AH, = 49.7 k] mol™? )
MD: CH,OH & CO + 2H, AH, = 90.2 k] mol™? (1)
WGS: CO + H,0 & CO, + H, AH, = —41.2 k] mol™? (11D

The catalyst activity for the SRM reaction was evaluated in terms of methanol conversion
(equation 4.4), CO selectivity (equation 4.5), hydrogen production rate (equation 4.6) and

hydrogen yield (equation 4.7) as given below:

Methanol conversion (%) ZFC;’"LﬂZx 100% (4.4)
meoh
CO selectivity (%) =——© 4.5
y O0) Fco, tFco*Fh, (45)
H, production rate (mmol/ Kgcat.S) = W—FHZ— (4.6)
catalyst
H, yield = —Hz (4.7)

methanol

4.4, Results and Discussion

4.4.1 Support Characterization

In this study, optimization of metal composition for methanol steam reforming is
performed to achieve zero CO selectivity at higher temperatures. Fig. 4.2a and 4.2b show

the BET surface area and pore size distribution of the synthesized support.
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Fig. 4.2 Surface area characterization of prepared supports: a) Nitrogen adsorption
isotherms at 77 K and b) Pore size distribution

N, adsorption-desorption isotherms of aluminium oxide as well as alumina-ZnO-ZrO,
(AZZ) at 77 K were observed to follow Type IV isotherm with H1 hysteresis loop [42].
Alumina synthesized thus falls in the mesoporous range with a narrow pore size
distribution as mostly reported for H1 hysteresis loop and evident from Fig 4.2b. In
addition, impregnation of Zn and Zr plugs some pores of alumina which causes reduction
in the surface area of AZZ obtained.

All catalyst testing studies were indeed performed in Kinetically controlled regime. The
catalyst particle size was ~ 0.25 mm that was chosen as per the range reported in
literature [43] for reactor with similar dimensions. It was reported that for catalyst testing
set up with internal diameter 19 mm, methanol conversion remained constant for particle
size below 0.7 mm. Further in our work plug flow conditions were maintained using

D/D, > 30 and L/D, > 50.
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4.4.2 Monometallic

catalyst activity

Monometallic catalysts tested for methanol steam reforming includes Cu, Ni, Pd, Fe and

Ru supported on synthesized AZZ support with 3% total metal loading. Fig. 4.3a and

4.3b show methanol steam reforming activity and CO selectivity respectively at 350°C

and 9000 h' GHSV. Since methanol conversion is a direct function of CO and CO,

produced by the catalyst per molar flow rate of methanol fed, higher methanol conversion

was observed with Fe, Pd and Ru as a consequence of high CO selectivity in comparison

to Cu and Ni monometallic catalysts. This is because higher number of oxidation states in

Pd, Ru and Fe gives them enhanced activity compared to Cu and Ni. As the pathway

chosen by the individual metal oxidation state may differ, higher number of oxidation

states leads to an increase in the number of intermediates/side reactions resulting in

higher methanol conversion.
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Fig. 4.3 Monometallic catalyst activity: a) Methanol conversion for prepared monometallic

catalysts, b) CO selectivity of the pre pared monometallic catalysts (dotted lines are guides
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A prominent product distribution difference was observed between Pd, Fe, Ru and Cu,
Ni. It can be observed from Fig. 4.4a, 4.4b and 4.4c that CO selectivity for Fe, Pd and Ru
catalysts was much higher than CO, in contrast to Cu and Ni as shown in Fig. 4.4d and
4.4e. This behavior has also been reported in previous studies [21, 27, 30]. For elemental
Pd supported on non-reactive inert supports such as alumina, CO selectivity is higher
because of its tendency to catalyze methanol decomposition as per equation 4.2 [44].
Similarly for Ru, CO formation is always high considering its high selectivity towards
methanol decomposition [45, 46] while for Fe, despite being a high temperature water
gas shift catalyst, a high CO selectivity is mostly reported as a result of possible side
reaction such as reverse water gas shift reaction [47].

Moreover, it is important to point out that a higher CO selectivity reduces the hydrogen
production rate. Fig. 4.5 shows the hydrogen production rate for all the monometallic

catalysts tested. Depending on the operational condition and type of catalyst used,

reaction 4.1 to 4.3 occurs simultaneously.

As reported in literature, excess CO generation in methanol steam reforming mostly
occurs by reverse water gas shift that causes consumption of hydrogen produced. Hence,
despite higher methanol conversion observed with Pd, Fe and Ru, hydrogen production
rate was observed highest with Cu. Further, high hydrogen selectivity of Cu is well
addressed in literature [8, 9, 11, 12]. The low hydrogen production rate with Ni may be
attributed to the minimal conversion as observed from Fig. 4.3a. Low activity with Ni-
based catalysts may be because of high C-C breaking activity rather than C-H causing a

sharp increase in CO, formation as observed in Fig. 4.4d.
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4.4.3 Bimetallic catalysts

In the previous section, it was observed that hydrogen selectivity for all monometallic
catalysts was in the range of 60-70%. However, what drastically varied was CO
selectivity between precious and non-precious metals. This observation was consistent
with the reported literature [19, 28, 30, 31, 34]. In order to lower the CO selectivity of
catalysts prepared for MSR, a range of bimetallic catalysts were also synthesized. In
bimetallic catalysts, co-operative interactions between two metals occur when one metal
is miscible in the lattice of the other [48]. This results in the formation of alloy structures.
Alloyed structures exhibit chemical properties very different from those of the pure
metals. Moreover, formation of alloys results in reducing the bimetal particle size and
change in its activity as well as selectivity.

Recently, it has been found that Fe as a co-catalyst for hydrocarbon reforming reactions

provides enhanced catalytic activity, improved metal dispersion and low carbon
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deposition by increasing the coverage of oxygen species during the reforming reaction
[49-52]. However, effect of Fe as co-catalysts for methanol steam reforming has not been
reported so far. In the current work, Fe was selected as a co-metal for Cu, Ni and Ru.
Further, Cu-Ni [19] and Cu-Ru [6] were synthesized as reference catalysts to compare

the performance of Fe-based bimetallic catalysts.

4.4.4 Characterization of bi-metallic catalysts with TPR

Temperature-programmed reduction profiles of ALOs-Zn-ZrO, supported monometallic
as well as bimetallic catalysts are presented in Fig. 4.6 (a—e). All catalysts with 3% total
metal loading were used.

In the case of monometallic catalysts in Fig. 4.6 (a—e), Cu showed a broad single peak in
the range of 200-500°C indicating reduction of CuO to Cu. Further, ruthenium oxide can
be easily reduced at lower temperatures which therefore results in a broad peak between
180 and 350°C. Such broad single peak has also been reported in literature [53], due to
the interactions between Ru and alumina-ZnO doped with ZrO, as support. In
comparison to Cu and Ru, both Fe and Ni showed dual peaks. A wide temperature range
for Ni as well as Fe may imply a great variety of oxidation states in these catalysts.
Depending on the metal oxide interaction, for Ni supported on AZZ the first peak was
observed between 400 and 500°C, and second peak in the range of 600 to 700°C.
According to literature [5, 54], the first peak corresponds to NiOy in strong interaction
with the support while peak at high temperature shows reduction of bulk NiAl,O4 formed
by N migration into the ALO3 lattice. Further, Fe supported on AZZ showed typical

reduction peaks of Fe,O3 [55] wherein the first peak in the range of 280 to 500°C is
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normally ascribed to Fe;O3z to Fe3O4 which after further reduction from 500 to 750°C
reduces to Fe°. Once Fe as second metal is added, bimetallic catalysts such as Ni-Fe, Ru-
Fe and Cu-Fe showed distinct characteristics. In all cases, Fe as second metal promotes
the bimetal formation resulting in a temperature shift. This shift is approximately 22%
(between Ni and Fe) for Ni-Fe, 28.5% (between Ru and Fe) for Ru-Fe and 43.7% (before
Cu and Fe) for Cu-Fe supported on AZZ. Higher the shift more is the tendency for the
bimetal to form an alloy. However, the variation in this shift is caused by the difference
in the reduction potential of two metals. Based on these differences, they require different
treatments to form a bimetallic alloy. For example, Ni-Fe cannot be mixed
thermodynamically [56]; therefore NaNH, reduction or hydrogen reduction treatment at
more than 700°C is required to form a bimetallic alloy. In addition, in case of Ru-Fe, the
introduction of non-noble metal with high valence has a negative effect on the ease of
reducibility of noble metal [57, 58]. Therefore, addition of Fe to Ru shifts the bimetal
peak to a higher temperature compared to Ru monometallic catalyst. However, in
comparison to monometallic Fe, presence of Ru shifts the peak to a lower temperature

because of the easy activation of H, molecules on noble metals [58, 59].

In comparison to Ni-Fe and Ru-Fe, Cu-Fe showed a distinct lower temperature shift than
its monometallic counterparts. Addition of Fe improves the reducibility of Cu thereby
resulting in a sharp peak at lower temperature which was attributed to the reduction of
CuO to Cu. Further, the subsequent broad peak may account for the existence of Cu-Fe as
an alloy while the high temperature peak can be attributed to reduction of Fe;O,4 to Fe®

[60]. In addition to that, H,-TPR profiles of the Fe-promoted bimetallic catalysts were
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also compared with Ni-Cu and Cu-Ru as the reference catalyst. The high miscibility of Ni
with Cu to form a solid solution results in an easy bimetal formation that showed a lower
temperature peak between 200 and 400°C associated with reduction of Cu along with a
subsequent peak associated with the reduction of Ni species promoted by the presence of
metallic Cu. Lastly, addition of Ru to Cu did not show any improvement in reducibility
of Cu; however, a broad single peak corresponding to both Cu and Ru was observed.
Therefore, it can be stated that in case of Cu-Fe high metal-metal interaction resulted in
an alloy formation once heated in the presence of hydrogen thereby giving a lower
temperature shift. In contrast to this, the other bimetallic compositions showed prominent
metal-support interaction once heated in the presence of hydrogen and hence, resulted in

a higher temperature shift.
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4.4.5 Bimetallic catalyst testing

With the above H,-TPR studies, catalyst activity testing was further carried out after
reduction at 400°C using S/M of 3:1, GHSV of 9000 h™ and operating temperature of
350°C. Fig. 4.7a and 4.7b show the methanol conversion and CO selectivity of Cu-Fe,

Ni-Fe, Ru-Fe, Ni-Cu and Cu-Ru supported on AZZ.
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Fig. 4.7 Bimetallic catalyst activity: a) Methanol conversion of pre pared bimetallic catalysts

and b) CO selectivity of the prepared bimetallic catalysts
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It can be observed from Fig. 4.7a and 4.7b that in comparison to all bimetallic catalysts,
Cu-Fe (5050 molar ratio) supported on AZZ gave maximum methanol conversion
(~48%) along with zero CO selectivity. The next best methanol conversion was observed
using Ni-Cu and Cu-Ru supported on AZZ. Addition of noble metal to a non-noble metal
enhances the catalytic activity in case of Cu-Ru because of its co-existence as a bimetal
observed in Fig. 4.6c. Further, high miscibility of Ni-Cu also improves its catalytic
performance. However, for Ni-Cu and Cu-Ru, the CO selectivity was also observed to be
10 and 15% respectively (see Fig. 4.7b). In addition to these, performance of Ru-Fe and
Ni-Fe supported on AZZ in terms of methanol conversion was minimal. It is to be noted
that alloy formation is hindered if any of the following factors is not optimal: metal-metal
interaction, metal-metal composition, calcination and reduction temperature. Since the
scope of the current research was to determine the best performing bimetallic catalyst
with low CO selectivity, optimization of the individual bimetallic activity was not
performed. As can be observed from the previous section, Cu-Fe supported on AZZ
showed a distinct alloy formation which thereby explains the enhancement in catalyst
activity. Low CO selectivity (0-1.05 %) with 26 wt.% Cu-Fe;O4 spinel compounds was
also reported by Huang et al [60] in the range of 240-320°C. In comparison to this study,
the current work reports Cu-Fe (50:50) supported on 15Zn-12 Zr-70ALO3 (wt. % basis)
with no CO selectivity up 450°C. Fig. 4.8 shows the CO selectivity in a temperature

range of 150 to 500°C with Cu-Fe (50:50) supported on AZZ.
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Fig. 4.8 CO selectivity using Cu-Fe (50:50) supported on AZZ at different temperatures

Therefore, it can be suggested that interaction of Cu-Fe with AZZ support strongly
promotes the reducibility of the active metals which thereby leads to its enhanced
activity. It is widely reported that incorporation of second metal mostly increases the
reducibility of the first metal [60] as well as decreases the size of the catalyst [18].
Comparison of mono-metallic Cu and Fe with bimetallic CuFe supported on AZZ using
TEM was performed. Fig. 9a shows that Cu supported on AZZ comprises of an
amorphous morphology with metal present as clusters on the support. On the other hand,
Fe supported on AZZ shows a more crytalline and uniform morphology. A higher
crystallanity with Fe supported on AZZ occurs due to strong metal support interaction
that exists between Group VIII metals and various metal oxides [61]. Once Cu and Fe are
mixed together, similar atomic sizes and lesser electronegativity difference between the
two metals results in the formation of an alloy [62]. Alloy formation was also confirmed
with the decrease in metal particle size as obtained from the TEM data shown in Fig.

4.9b. Decrease in particle size occurs due to incorporation of Cu (atomic size 128 pm)
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mto the lattice of Fe (atomic size 126pm) that results in a solid solution or alloy [63].
Hence, lower the particle size, higher is the catalytic surface area thereby resulting in
enhanced catalytic activity. This also justifies the enhanced hydrogen production rate
with Cu-Fe supported on AZZ shown in Fig. 4.10 in comparison to total monometallic

Cu, monometallic Fe (shown in Fig. 4.5) and rest of the bimetallic catalysts synthesized,

as shown in Fig 4.10.
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supported on AZZ catalysts
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catalysts particle size distribution calculated using TEM data

at 350°C, S/M 3
methanol liquid feed rate 1.66mL/min
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Fig. 4.10 Hydrogen production rate for bimetallic catalysts
Formation of Cu-Fe alloy was also analyzed using X-ray diffraction (XRD) as shown in
Fig. 4.11. All catalysts were characterized after two hours of reduction treatment in Hz/N>
mixture at 450°C. Fig. 4.11 compares the XRD peaks of mono-metallic Cu and Fe
catalysts with bimetallic Cu-Fe prepared in different molar ratios such as 25/75, 50/50
and 75/25. Mono-metallic Fe showed the peaks characteristic of rhombohedral hematite
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Fe,O3 structure at 32.94° (104 plane) and 35.54° (110 plane) [63]. In case of mono-
metallic Cu supported on AZZ, the peaks are a characteristic of crystalline CuO (32°,
35.6°, 38.5° 37.5°) phase with tenorite structure (JCPS 481548). No peaks of ZnO, ZrO,
and AlLOj3 further indicates that they are well dispersed and in an amorphous state [64-
66]. Bi-metallic Cu-Fe supported on AZZ catalysts on the other hand show a distinct
peak at 20=20.5° that appeared especially with Cu-Fe 50/50 and 75/25 molar ratios. This
peak corresponds to the tetragonal structure of copper ferrite CuFe,O4 according to the

JCPDS file No. 34-0425 [67, 68].

™

/ v i,
/ \ ™) ™ TN NOURT i
T I (W o ‘;‘ A Py Wrirnrbmrdirabitienip s ey e S

’ N, 13% Cu-Fe (75/25)-AZZ
- . el reeiith h*"""‘ ! ! gy "*'J'”"n«..»«:;ff““““wm“"'n'w""" A’\"'\,,“.,ww.»,m
> b
= ,*\M M 13% Cu-Fe (25/75)-AZZ
g "‘Wwwm-ww«'“‘“’w] od \M=WW“MW "}MW'“""W g T——
= oA 13% Fe-AZZ
- MM(W.W\uwmmm‘mmw”w“w/ ‘\M.l ‘ \."‘v“h"w.q‘.- ‘-«‘*‘\.\ﬂ,J.N«'""M:.A»,ar'u.l‘v-"ﬂ“‘"»,,, 'WIM""«»‘uM,,, Ny
||
“\
» ﬁg\ ﬂ 13% Cu-AZZ
\ J \ ,e
/ L A
— \“W %, N‘%Wm.w \f W™

10 15 20 25 30 35 40 45 50 55 60 65 70 75

26 (°)
Fig. 4.11 XRD analysis for the mono-metallic and bimetallic Cu, Fe series

The catalysts activity with similar Cu-Fe molar ratios was performed as shown in Fig.

4.12. 1t was observed that catalysts activity with 50/50 molar ratio was the highest.

Interestingly, CO selectivity was below detection limit for Cu-Fe combinations either

equimolar, or higher Cu percentage. Further, higher Fe percentage in Cu-Fe bimetallic

catalyst was observed to deteriorate the catalyst performance. Further, TEM analysis for
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Cu-Fe bimetallic catalysts was also performed. Fig. 4.13 shows that the d-spacing with
Cu-Fe (50/50) molar ratio was smallest followed closely with Cu-Fe (75/25). Reduced d-

spacing thereby establishes formation of solid solution that is an alloy.
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Fig. 4.12 Catalysts activity of Cu-Fe bimetallic series: a) Methanol conversion and b) CO
selectivity

Hence, in order to have higher catalytic activity, Fe beyond 6 wt. % corresponding to Cu-

Fe (50/50) molar ratio should not be used.

| Cu-Fe (25: 75) molar ratio | ’ Cu-Fe (50: 50) molar ratio | l Cu-Fe (75: 50) molar ratio

5 R

2nm

Fig. 4.13 TEM characterization of Cu-Fe with varying molar ratio
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4.4.6 Activity testing
With the best performing catalyst that is Cu-Fe (50/50) supported on AZZ was tested
against two variables: a) steam to methanol (S/M) ratio, b) weight of catalyst/molar flow

rate of methanol (W/F)

100
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Fig. 4.14 Catalyst activity: a) Effect of S/M ratio and b) Effect of W/F

Fig. 4.14a shows that increasing steam in feed increases methanol conversion up to S/M
equal to 2/1. Beyond this feed composition, methanol conversion remains constant.
Increase in methanol conwversion with steam occurs due to shift in reaction equilibrium
towards water gas shift as mentioned in reaction 4.2. As a result of this, additional moles
of hydrogen are produced. However, beyond 2/1 feed composition methanol dilution
causes no further increase in hydrogen production thereby CO, generation also becomes
constant. Further, Fig. 4.14b shows the effect of contact time on catalysts performance.
Catalysts mass was maintained while flow rate was increased. This explains the decrease
in hydrogen production rate with increasing W/F. Higher methanol flow rate with W/F 3
results in maximum hydrogen produced. This is because moles of hydrogen produced are

a function of methanol molar flow fed. With increasing W/F on the other hand, flow rate
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Is continuously decreasing that enhances the contact time with the catalysts and hence
improves conversion.

4.4.7 Effect of temperature on catalysts activity

Methanol steam reforming as shown in reaction 4.1 is an endothermic reaction. Hence,
increase in temperature improves the methanol conversion with all the catalysts. Fig. 15a
shows the performance of all bimetallic catalysts and Cu-Fe with different molar ratios in
comparison with monometallic Cu and Fe. The total metal loading for the catalysts tested
was 13%. As shown in Fig. 15b, methanol steam reforming activity was observed to be
maximum with 13% metal. Beyond 13% metal loading, deterioration in catalysts activity
was also observed. This may occur due to clogging of pore mouth with excess metal.

Hence, 13% metal loading was used to observe the effect of temperature on all catalysts

performance.
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Fig. 4.15a Catalysts activity: a) Effect of temperature and b) Effect on increasing metal
loading

From Fig. 15a it can be clearly stated that Cu-Fe (50-50 and 75-25) are the best

performing catalysts in all temperature range.
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4.4.8 Optimal Catalyst Testing with DRIFT

Fig. 4.16 shows the DRIFT study performed to analyze the intermediate formed with
methanol steam reforming at varying temperatures for Cu-Fe (50-50) supported on AZZ.
With this study, change in methanol-water vibration spectra at increasing temperatures
was observed. Further, catalyst testing with DRIFT was also performed after hydrogen
reduction as carried out during reaction. From Fig. 4.16 it can be observed that no C-O
stretching showed at all temperatures tested. This confirms the negligence of CO
selectivity with the developed catalyst. Further, methoxy stretch observed at 2950 and
2836 cm™ also indicates the readily adsorption of methanol even at 50°C. Decrease in the
intensity of these methoxy characteristic peaks suggests conversion to occur rapidly
beyond 150°C. In addition to this, with increasing temperature intensity of peak at 1600
cm? is increasing. This indicates the occurrence of bi-carbonate species. It is reported
that methoxy species are converted to formate and bicarbonate species. This observation

IS consistent with the reaction mechanism reported in literature.
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Fig. 4.16 DRIFT analysis for Cu-Fe supported on AZZ
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Hence, with this confirmation that the developed catalyst follows the formate pathway
and with the presence of Fe,O3; determined using XRD, the reaction mechanism for the
developed catalyst was proposed. Fig. 4.17 shows that with Cu-Fe supported on AZZ,
presence of Fe,O3 as surface species converts the CO produced to CO; resulting in no
detectable CO in the final product stream. A high redox activity of Fe thereby not only
enhances the hydrogen production rate but helps enable to produce CO free product with

methanol steam reforming even at high temperatures.
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Fig. 4.17 Proposed mechanism for Cu-Fe supported on AZZ

4.4.9 Catalyst Stability

The optimized catalyst was hereby tested for a period of 100 hours to evaluate its stability
over time. Fig. 4.18 shows no decrease in activity throughout the 100 hour run. The
initial increase i methanol conversion results from the complete utilization of the
catalysts surface. Beyond this point a slight decrease in mass transfer was observed that
resulted in slight decrease in conversion. However, beyond this point, the catalysts

172
TH-1764_126107017



performance was observed stable. This suggests that the developed catalyst can be

utilized for pilot scale performance with the integrated membrane reformer designed.
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Fig. 4.18 Stability of Cu-Fe supported on AZZ
4.5 Summary

In the current study, series of mono-metallic and bi-metallic catalysts were synthesized
using incipient wetness impregnation with 3% metal supported on Al,O3-Zn-Zr. Catalyst
characterization was carried out using TPR, FESEM and particle size distribution
analysis of TEM images. Further, all catalyst testing for methanol steam reforming at
temperature 350°C, GHSV 9000h™* and S/M ratio 3 was carried out. The objective of the
study was to determine a catalyst which can provide minimal CO selectivity for methanol

steam reforming at higher temperature.

Mono-metallic catalysts such as Cu, Ni, Pd, Ru and Fe supported on Al,O3-Zn-ZrO, were

tested. A distinct difference in CO selectivity between noble and non-noble metals was
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observed. Further, Fe as promoter was studied owing to its fast reduction characteristics
in the synthesis of bi-metallic catalysts. An interesting synergy between Cu and Fe
supported on AZZ was observed which resulted in lower metal particle size, enhanced
catalytic activity as well as zero CO selectivity. Addition of Fe to Cu reduced the metal
particle size that indicates the formation of alloy at 5050 (mol: mol) composition. The
drastic reduction in CO selectivity in comparison to mono-metallic can therefore be
justified with the alloy formed that also resulted in enhanced activity observed in terms of
hydrogen production rate (~200 mmol/ Kgea.s with 3% total metal). At 350°C, W/F 5
KQcat-S/MOImethanot @and S/M ratio 3, Cu-Fe was provides ~48% methanol conversion with
3% total metal loading and up to 70% methanol conversion with 13% total metal loading.
Further, the optimal catalyst with 13% metal loading was also tested with effect of S/M
ratio, W/F, temperature and lastly its stability for up to 100 hours was performed. In
addition to this, no occurrence of CO with the developed Cu-Fe supported on AZZ
catalyst was also demonstrated with DRIFT. On the basis of the analysis, the reaction
mechanism was also proposed.Thus, with the current observations, we report Cu-Fe
supported on ALO3-Zn-Zr as a promising catalyst with zero CO selectivity up to 400°C

at GHSV 9000h™ and S/M 3 molar ratio.
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Chapter 5

Integration, Design and Testing of a Compact

Membrane Reformer

Abstract

In this chapter, methanol steam reforming with hydrogen-selective dense Pd-Ag
membranes was integrated in a single unit called a membrane reformer. It is a compact
and efficient system for ‘on-board’ hydrogen production. The high purity hydrogen
generated can be easily fed to proton exchange membrane (PEM) fuel cells for power
generation in portable small scale batteries and generators. A crucial factor which may
limit the performance of membrane reformers is the separation efficiency of the
membrane. Hydrogen permeation through standalone dense Pd-Ag membranes is largely
reported to be limited by the presence of gases such as CO, CO, and steam. These gas
mixtures are also basic constituents of methanol reformate which contains approximately
60% hydrogen by mole. Such gas inhibition behavior is expected to significantly affect
membrane reformer performance. The present work therefore compares the performance
of a membrane reformer with a membrane separator under similar operating conditions
using a 100pm thick self-supported dense Pd-Ag membrane. By definition, a membrane
separator is principally a purifier which is used to separate hydrogen from various
components such as CO2, H,O, CH, and CO. On the other hand, membrane reformer is a
system which generates hydrogen from a reaction such as steam reforming and
simultaneously separates it using membranes, integrated in the same physical device.

Performance of the membrane reformer was optimized with respect to the effect of
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steam/methanol ratio, temperature and pressure. Under optimal conditions, synthetic gas
mixture of similar composition as that of the produced reformate was used to evaluate the
membrane separator performance. Further, membrane reformer studies were carried out
and compared between commercially available self-supported and in-house synthesized
supported Pd-based membranes. Testing of membrane reformed containing multiple
porous SS (PSS)-supported Pd-Ag membranes was further performed to determine the
effect of multiple passes using two case studies: a) without baffle and b) with baffle. The
obtained hydrogen flow rate in the membrane reformer having four Pd-Ag membranes
supported on PSS was compared with the hydrogen output rate required for a 200W PEM

fuel cell.

5.1 Membrane reformers: process integrated units

Integration of hydrogen generation with simultaneous separation in a single compact unit
introduces the concept of membrane reformers. Integrated reaction-separation was first
proposed by Professor Vladimir Gryaznov (Moscow University) in the year 1964 [1, 2].
He proposed a method to carry out simultaneous evolution and consumption of H; in a
dense tubular palladium membrane reactor where Pd is permeable to H, and also serves
as a catalyst for the dehydrogenation of cyclohexane to benzene [1, 2]. The potential
advantage of membrane reformers is that higher conversion rates can be achieved
compared to traditional reformers. According to Le Chatelier’s principle, selective
removal of one of the reaction products results in a shift in equilibrium towards the
product side thereby increasing conversion. Hence, for the same conversion as of the
traditional reactor the membrane reformers can be operated at much lower temperature.

Therefore, membrane reformer overcomes thermodynamic limitations of the reversible
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chemical reactions, uses less severe conditions (temperature and pressure), requires

smaller volume and consumes less energy.

Using high energy density alcohols such as methanol, these membrane reformers are
applied ‘on-board’ to produce high purity hydrogen. Increase in conversion increases the
trans membrane hydrogen partial pressure difference which results in better hydrogen
permeation. Further, being an integrated assembly, membrane reformer does not require a
dedicated separation unit which significantly reduces the size of the system and
minimizes the downstream processing cost. This makes the membrane reformer more
feasible for commercial applications, particularly for ‘on-board’ or ‘on-demand’
hydrogen generation [3-5]. Hydrogen purity is determined by membrane material’s
selectivity to hydrogen preventing all other undesired reaction products and unreacted
feed from passing through. Therefore, a successful operation in a membrane reactor
requires sufficient kinetic compatibility between the rates of the reactions of interest and
the rates of transport through the membranes. Thus, the most crucial aspects that affect

membrane reformer performance are as follows:

a) Property of membrane: For membrane materials such as palladium (Pd), higher
hydrogen selectivity can only be obtained if the membrane morphology is dense or non-
porous. Further, hydrogen flux is a function of palladium membrane thickness. Lower the
thickness, higher is the flux. The challenge in this case is fabrication a dense Pd

membranes on a porous support with lower thickness.
b) Selectivity-conversion behaviour: Performance of membrane reactor is dominated by

the hydrogen permeability of palladium membranes. Permeability further is higher, once
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the partial pressure of hydrogen in feed to membrane is high thereby maintaining a high
trans membrane pressure difference. As permeation of hydrogen increases reaction
conversion increases. Hence, higher hydrogen recovery and high reaction conversion are

two crucial parameters hat determine the membrane reactor performance.

c) Load to surface ratio: It is crucial that the membrane surface area available for
hydrogen permeation be always higher than the load in the membrane reformer. Here,
load indicates the amount of hydrogen produced by the catalyst. By doing this,
compatibility between the hydrogen flux that pass the membrane and amounts consumed

or produced during the chemical reaction can be maintained [6].

The system performance in case of a membrane reformer is both Kinetically as well as
diffusion controlled which thereby necessitates the need of an optimal temperature,
pressure and flow rate that can maintain stability of the catalysts as well as the
membrane. In contrast to simultaneously integrated membrane reformers, membrane
separator functions sequentially as the reaction assembly is connected in series with the
membrane assembly (as discussed in chapter 3). Although such segregation makes the
system bulky, it allows independent control of temperature and pressure for reaction and
membrane separation. Further, as the condensates can be easily removed before the
reformate mixture is fed to the separator, steam inhibition and methanol inhibition (if
any) effects can be eliminated and the gaseous transport through the membrane is only

diffusion-limited. This may enhance the performance as well as the life of the membrane.
In the current work, optimization of membrane reformer with effect of steam to methanol

(S/M) ratio, temperature (623-723K) and pressure was performed. With the optimized
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conditions, membrane reformer performance was then compared with the membrane
separator for the same membranes (without having steam and unreacted methanol in the
feed to  separator).  Simulated reformate  mixture gas of  composition
50H,:30N>:18C0,2CO (mol/mol) was used to determine the standalone membrane
performance in the membrane separator. No sweep gas was used and permeate end was
maintained at atmospheric pressure throughout to determine the standalone membrane
performance at varying temperature, pressure and feed composition. High gas flow rate
of 0.3 LPM was maintained for both membrane separator as well as membrane reformer
which also negates concentration polarization to affect membrane performance. The
objective of this comparison was to evaluate the conditions where membrane reformer
performance can be made comparable with the separator. Further, under similar operating
conditions, self-supported membrane was compared with supported Pd membrane
integrated with the catalyst. Lastly using a set of four supported Pd-based membranes,
membrane reformer integration was performed in three manners: a) integration using
multiple membrane assembly (without baffle) with 6.8 cm ID reactor, b) integration using
multiple membrane assembly (without baffle) with 12.5 cm ID reactor and c) integration

using multiple membrane assembly (with baffle) with 12.5 cm ID reactor.
5.1.1 H, production by membrane reformers

A few groups who are actively working on integrated reaction-separation membrane
reformers for hydrogen production includes Tosti and Basile groups [7-9] and Kuipers,
Dittmeyer and Elnashaie groups [10-12]. Studies reported with these groups comprise of
feasibility of packed bed MR study with commercial self-supported membranes and

catalyst available. Further, Kuipers group have reported experimental as well as fluidized
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bed MR studies primarily with methane as feed. In addition to this, commercialized
membrane reformer designs are also available from Reb Research and Consultancy [13].
Salient features of the membrane reactors commercialized by Reb Research and

Consultancy is present in Table 5.1.

Table 5.1 Commercialized membrane reformer systems

S. Membrane Dimensions Feed mixture H, flow rate
No. reactor
1 ME-100 The reactor was %” 1.09/1 molar mix of 1.5slpm
[REB] diameter and 8” methanol/'steam
tall.
Membrane 9.5” Catalyst (proprietary)

long, Operation at 260°C and
0.625” x 6.5 260 psig (up to 90psig)
membrane tube Flow rate 85ml/min.

sealed at top.

2 ME 100-2 16”x17.57x21” 11 mix methanol & 12.5slpm

[REB] water, at 70psi
3 ME 150 58” x 167x38” 1:1 methanol water mix 75 slpm
[REB] at 70 psi.

In literature, hydrogen generation and separation studies using palladium or Pd alloyed
membranes are well reported [14-21]. Studies have demonstrated the optimization of
methanol-based membrane reformer to achieve high hydrogen recovery and have
highlighted higher methanol conversion compared to conventional reformer [7, 16-18,

20, 22, 23]. The parameters mostly reported to optimize hydrogen recovery include effect
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of counter-current sweep gas, gas hourly space welocity (GHSV), steam-to-methanol
(S/M) feed ratios, membrane area, temperature and pressure. Basile et al. [7, 20] reported
the performance of 50 pm self-supported Pd-Ag membrane with co-current and counter-
current modes of sweep gas. Integration was performed using Ru-ALOs; as catalysts.
Apart from H,, CO and CO;, CHjy in the reformate stream was reported. Improvement in
methanol conversion with membrane reformers (MR) in comparison to traditional
reactors was higher at all temperatures. A maximum hydrogen recovery of 40% was
reported with counter-current mode at 450°C, pressure 1.3 bar and S/M=4.5/1. Further,
using CuO/AlLO3/Zn0O/MgO with sweep gas flow in counter-current mode and pressure
1.3 bar, MR performance was reported with varying S/M ratio (from 3/1 to 9/1) and
temperature (250-300°C). The catalyst was prepared using co-precipitation. It was
reported that with increasing temperature, effect of S/M on methanol conversion was
more prominent. No CH, formation was reported while CO formation existed in the
range 0.2 to 0.7 that is around 2000 to 7000ppm. This is to note that PEM fuel cell cannot
tolerate CO beyond 10ppm and hence CO percentage in the permeate side of MR are
critical. Lastly, due to low pressure difference a low hydrogen recovery of ~10% was
reported. Using similar catalyst CuO/Al,O3/ZnO/MgO and Pd-Ag self-supported
membrane, at temperature 300°C and S/M=3, lulianelli et al. [17, 22] reported effect of
increasing pressure on MR performance. With varying weight hourly space wvelocity
(WHSV) in the range of 0.36 to 1.82 h' and sweep gas flow rate of 143.1 ml/min,
hydrogen yield with co-current as well as counter-current mode was reported between
60—77%. In addition, with varying sweep factor (SF) from 1.1 to 9.7, up to 90% hydrogen

recovery was reported in counter-current mode at reaction pressure 3.5 bar and SF 9.7.

187
TH-1764_126107017



However, 90% hydrogen recovery was observed that WHSV 0.2 h* whereby the
permeate hydrogen flow rate will be low. Hence, it is not only hydrogen recovery but
also the volumetric flow rate of hydrogen produced that is essential for MR viability for
commercialization. Further, at 330°C and 2.5 bar pressure for S/M molar feed ratio of
2.5:1 and GHSV 18500 h, Liguori et al. [18] reported 85% methanol conversion using
CuwznO/ALO3; and ~ 40% H, recovery with commercial alumina-supported 7 pm Pd
membrane. The low hydrogen recovery for membrane reformer is mostly attributed to the
co-adsorbed species on the membrane which reduces the hydrogen permeance through it.
Further, inlet steam/methanol (S/M) composition was reported to play a crucial role in
membrane reformer performance because it directly affects the percentage of H,, CO,
CO,, steam and unreacted methanol that comes in contact with the membrane. CO was

reported in the range of 0.4 to 1.21.

Ribeirinha et al. [23] reported a theoretical study where they compared hydrogen-
selective membrane efficiency with COj-selective ionic liquids (ILs). This work
presented an interesting comparison with respect to input energy cost. Nearly 90%
hydrogen recovery was obtained at 473 K using vacuum on the permeate side for Hj-
selective membrane (Pd-Ag) in a packed bed membrane reactor (PBMR). On the other
hand, using CO,-selective membrane in a packed bed MR (PBMR) was reported to give
95% hydrogen recovery at a sweep factor of 5 with CO,/H, selectivity of the membrane
was 1000. In order to meet higher hydrogen recovery, it was suggested that CO ,-selective
membranes with ideal selectivity >200 can be used. Interestingly, the CO,-PBMR were

reported to be more energy efficient than H,-PBMR for higher hydrogen recoveries.
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Table 5.2 presents the key literature reported for methanol, ethanol and methane
reforming, and WGS. With the detailed literature review, it becomes clear that there is
enough scope for improvement in the design of membrane reformers in order to achieve
better separation and higher recoveries. Higher hydrogen recovery and flux will

consequently minimize the energy cost of this system.
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Table 5.2 Key literature reported on membrane reformer studies

Membrane reformers with methanol steam reforming

Author  System Operating Reactor X* HRF (%) H; Remarks
Integration Conditions (%) flux
(mol/
m’.s)
Basile et Pd membrane 50 S/M 4.5/1, MR 280mm 83 50 0.169 Hydrogen gas selectivity up to
al. 2006 pm thick, 10mm 350°C length, 70% was reported constant
[7] od. and 150 mm 20mm i.d. from 350- 600°C with 4.5/1
length  with Ru- 1.3 bar water to methanol, 1.3 bar
alumina catalyst 0.5-12 Lo reaction pressure
Membrane apparent Sweep gas Catalyst
Ea=33.31kJ/mol bed height 150mm
and Pe 1.66 x 10° length with glass
mol/m’s kPa®® sphere mm
lulianelli  Pd/Ag  membrane S/M 3/1(viv) MR i.d. 80 93 at 036 20 x It was reported that CO
et al. self-supported methanol molar 20mm and h' WHSV 103 selectivity decreases by
2008 50um, o.d. 10mm flow rate 7.6 x 10* 280mm and 40% at with increasing the reaction
[17, 22] and 145mm length and 3.8 x 10° Ilength 0.182 h™  pure pressure confirming that the
’ with mol/min WHSV H, membrane provides a positive
Cu/AVZn/MgO 300°C, 1-3bar, colntr;t.)u.':lon kt)o decreasw]]cg (chO
counter flow Eegc ity ecaustfe OI di ¢
sweep gas factor tyhr_oEen Cgermea |ont_ eading
143mimin 0 higher consumption.
Basile et Dense Pd/Ag S/M 3/1 to 9/1 at FBR 100 8, remains 2  x It was reported that because of
al. 2008 membrane temperature 250- 6.7mm i.d. with constant 10% at low reaction pressure,
[20] 300°C; sweep gas and 250mm H,O/C through all 400°C hydrogen recovery with
gcl;()clz;ﬁt\;ﬁi/ZnO/M 138 x  10% length HsOH  feed with  varying feed  compositions
mol/min MR 20mm 5 mole compositio pure remained constant. No
id and ratio n H, activation was observed up to
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280mm 300 h while CO molar ratios
length remained 0.2 to 0.7. At low
reaction temperature 250°C |,
low CO was reported for all
feed compositions.
Liguri et 7 pm Pd/alumina Water/methanol Reactor 85 40 at 330°C 0.3 H, recovery 60% with 80%
al, 2014 membrane (75mm 2 5/1(vIv) dimensions and 2.5bar CO and permeate purity 95%
[18] length, 13mm o.d., not due to loss of CO(feed)
9mm i.d., effective 280-330°C, provided through  the  defects in
membrane area 15 ochar gas membrane resulting in 0.21-
17cm’)  with  CU i methanol 0.25% CO at 11 bar feed
15%/Zn0O 31% watdl M pressure and permeate 1 bar. It
/ALLO3 18%  22ml/min and was reported that CO mole
(0.5gm) catalyst 20ml/min as fraction was 0.62, lowest at
sweep gas, GHSV low temperature 280°C Whi_Ch
18,500h" further decreases with
increasing pressure. CO, mole
fraction increases with
reducing CO indicating the
water gas shift occurrence.
Islam 24.3um thick Pd Temperature 200 Reactor 60 50 0.2 CO selectivity between 1 to 3
and llias, supported on SS to 300°C dimensions (pure % was reported in the
25612 NiO/ZnO/ALOs Pressure 14.7to 50 Ot o Hz) ;eorgﬁ’gature range 200 to
[16] catalyst psi provice '
SIM1to4
Sweep gas 2.2 X
10 mol/s
WHSV 6 to 9
kg/mol.s
Ribeirinh  Pd-membranes for Catalyst 1.5¢g Reactor 90 80 -NA-  Higher WHSV resulted in
a et al, hydrogen . increasing conversion,
2017 Temperature 180 7.5mm id. however CoO production
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[23]

selectivity;

ILs were used for
CO;, separation

Commercial
CUO/ZnO/A|203

to 240°C

WHSV
kg/mol.s

50-500

Pressure 1 to 3bar
SIM 1.5

Sweep factor 2 to
20

simultaneously increases. This
led to decreasing hydrogen
produced.

Investigations were made on
the positive effect of CO,
removal on the reformer. It
was reported that selective
CO, removal results in slight
enhancement  in  methanol
conversion  than  hydrogen
selective membrane.

Membrane reactors with ethanol and methane reforming, and WGS

10mm diameter WGS Reactor 96.5 28.9 -NA-  The values of permeance were
. and 100pm dimensions higher at temperature 135-

Tosti et al. . CO/H,0/CO .

2883' [9? a thick self- 2 2 not 275°C while decreased to 5.8
supported  cold 0.2/0.3/0.5 provided x 10° at 276-360°C. Notably,
rolled Pd/Ag 355 330°C activation energy at lower
foils 100kPa ’ 0.0003 temperatures were -1866 and -

mlis SV\;eep gas 521  kJ/mol at  higher
temperature.

Chiappetta 100pm thick Methane Reactor i.d. 50 43 -NA-  An optimal combination of

et al, 2010 Pd/Ag 3mm AnlV e (area of

[14] membrane with ;’g(;rggerature nens membrane/volume of catalyst)
no sweep gas and LgAn (limiting reagent
id= 1.6mm Feed pressure flow rate/area of membrane)
R 200-600kPa was suggested to have an
Commercial optimal design for improved

Catalyst amount P 9 p
catalyst 31% Y MR  performance  without
Ni, 39% NiO, 0.5to 61gm sweep gas.

11% A|203 and GHSV 1200—
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Cornaglia et 150 pm Self- WGS H,0/CO, Reactor >05 88 1.84 x It was reported that effect of
al. 2013 [15] supported 673-723K,  sweep dimensions 10° pressure is more important

Pd/Ag gas 500 N mL/min not than temperature because H,

membrane of and pressure 100— provided, flux through the membrane

10mm o.d. and 800k|§ 3 membrane has low activation energy

133mm  length Pe 138 x (5100 J/mol)

with  Catalyst WHSV=2.8 x 10° 10°

0.6% " mol/smPa’

Pt/La203.Si02 0.5
Borgognoni 150 pm thick Water/ethanol/ Reactor 71 at 88 0.38 It was reported that at
et al 2013 10mm  diameter methane  (10/1/0 dimensions  500kP pressures up to 500kPa, the
[24] 19 PdAg self- 11/1/0.25,  14/1/1 not . a hydrogen content0 in retentate

supported and 26/1/4), 350°C provided, decrease up to 12%

membrane at at membrane and C?T;[alyr?:

pressures 100— 760°C at reformer, gooou

500kPa 3bar; WHsy  <2dm

1200 2400 pt 5% Pton
alumina

Lim et al, Pd-Cu and Pressure 1, 5 and -NA- 60 -NA- 0.04 H,/CO, selectivity was
2012 [25] SiO,-AlLbO; MR 10bar reported in the range of 200 to

with ethanol SR 1000 at 623K

Pressure 1-

10atm

Temperature

623K

12.5% Na-

Co/ZnO catalyst

*Here, X refers to conversion; HRF refers to hydrogen recovery factor; i.d. refers to inner diameter and FBR refers to fixed bed

reactor
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5.2 Experimental setup and methodology

In the first part, membrane reformer and separator performances were tested using
100pm thick, 15.2 cm? area self-supported dense commercial Pd-Ag membranes, as they
give no additional resistance to permeation. They also avoid the formation of micro-
cracks on the metallic surfaces. These membranes were supplied by REB Research &
Consultancy®, USA having tube outer diameter of 1/8 inch with one end closed and the
other bonded to a metal stub that could be connected with Swagelok® fittings to the

reactor as shown in Fig. 5.1.

Membrane length 6”, 0.D.1/8”, 100um thick

Fig. 5.1 Self-supported Pd-Ag membrane connected to the reactor

Initial membrane surface characterization studies were performed with field emission
scanning electron microscopy (FESEM) to measure the thickness and observe the surface
morphology. Elemental composition of the membrane film was determined by energy
dispersive X-ray spectroscopy (EDX). Membrane reformer studies were conducted in a
commercial unit “ME-100®" from REB Research and Consultancy, USA. “ME-100%" is
a 35cm x 60cm x 40cm assembly with in-built liquid vessel, a dosing pump and reactor
that is 25.5 cm tall and 1” in outer diameter (0.d.) supported by an electric furnace.
Photographs and schematic describing the membrane reformer design are shown in Fig.
5.2a and Fig. 5.2b respectively. The process design of “ME-100®” presented in Fig. 5.2b

allows aqueous methanol mixture to be pumped at a constant volume rate through a pump

194
TH-1764_126107017



to the boiler which vaporizes the feed. The pre-vaporized feed then enters into the reactor
which has a typical shell and tube type configuration consisting of catalyst in the shell
and dense self-supported tubular Pd-Ag membranes in the inner core as shown in Fig.
5.2b. The pre-vaporized feed inside the reactor comes in contact with the catalyst, which
then reforms the feed mixture into hydrogen, carbon monoxide and carbon dioxide. The
reformed feed along with unreacted methanol and water simultaneously comes in contact
with the dense self-supported Pd-Ag membranes, which selectively permeate hydrogen
through them, leaving the rest of the mixture, including the unutilized feed, to pass
through the retentate. Methanol-water mixture at different mole ratios was used as the
feed. By varying the feed composition, temperature and pressure, muliple sets of
experiments were performed to identify the optimum conditions for maximum hydrogen
recovery and permeate side hydrogen flux. Fig. 5.2c shows the schematic of a membrane
separator. The ‘in-house’ designed membrane separator is made of SS-310 with 40 cm
height and 14.5 cm diameter. The same Pd-Ag membranes, which were used for reformer
studies, were used in the separator at the optimized temperature and pressure conditions.
All the gases were fed through pre-calibrated flow meters to the separator where
membranes were placed. A constant flow rate of inlet gases was maintained at 0.3 LPM
using mass flow meter; flow rates at the retentate as well as the permeate outlet ends were
measured using soap bubble flow meters. No sweep gas was used in this study. At 3 bar
feed side pressure and 1 bar permeate side pressure, system performance was investigated
with pure hydrogen, binary gas mixtures of 50H2:50N, (mol/mol) and simulated
reformate composition of 50H2:30N2:18C02:2CO (mol/mol) to find the inhibition effect

of individual/mixture of gases. It is to be noted that steam and unreacted methanol are not
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used in membrane separator studies as in case of sequential integration, where reaction
and separation will be performed in different vessels, condensable gases from reformate
will be removed before feeding them in separator unit. This is one of the major
advantages of sequential integration. In all the membrane separator experiments,
hydrogen percentage in the feed was kept constant at the same value as that in the

reformate gases produced at same operating temperature and pressure.

In the second part, membrane reformer runs were conducted using prepared PSS
supported Pd-Ag membranes. With the optimized feed composition and 0.3 LPM flow
rate, effect of temperature (573 to 723 K) and pressure (0.3 to 3 bar) was determined on
the permeate hydrogen flow rate. In addition, comparison of self-supported Pd-Ag MR

performance was made with PSS supported Pd-Ag membrane.

Continuous inlet, retentate outlet and permeate outlet compositions were measured using
gas chromatography (GC) at constant temperature with porapak Q column connected in
parallel with molecular sieve. Membrane reformer reaction performance was determined
using Eqg. (5.1, 5.2, 5.3, 5.4) on dry reformate basis. On the other hand, Eqg. (5.5 and 5.6)
were used to determine membrane separator performance. Permeation of hydrogen
through palladium occurs by solution-diffusion mechanism which involves several steps.
The value of the exponent n in equation 5.6 varies from n = 0.5 to 1 depending on the rate
limiting step. If the diffusion of atomic hydrogen through the metal bulk of the membrane
is the rate determining step and hydrogen concentration in the Pd-(H/Pd) based lattice is
lower than 1, Sieverts’ law should be valid for which the value of the exponent n is 0.5.
For the membranes used in the present study, the value of exponent ‘n’ is determined
from hydrogen permeance experiments at different pressures.
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Fig. 5.2 a) Photograph of ME-100® from REB Research and Consultancy, USA and b)
Schematic of ME-100® from REB Research and Consultancy and ¢) Schematic of

Membrane Separator

F
H, Recovery = %z permeate X 100 (5.1)

(FHZ,permeate + Hz,waste)

Total H, Production = (Xy, " Fiormeae ) + (X, e - Fuaste)] (5.2)
Methanol C ion (%) nC0, #1040 (5.3)
ethanol conversion (/o) = ———— .
nCH, OH
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Theoretical Hydrogen = 3 X nCH;0H (54)

nH
Permeate H, Flux (j,,) = % (5.5
Permeability (Pe) = Jhyx 5 (5.6)

0.5 _ .05
(pHZretentate sz,permeate )

Lastly, three sets of runs were conducted for each set of operating variables. The resulting
data showed +5% error, after studying the responses (permeate flow rate, retentate flow
rate, composition analysis) in a Kinetically controlled regime. Mass balance for the inlet,
permeate outlet and retentate outlet flow rates was also performed for both membrane

separator and membrane reformer studies.
5.3 Membrane permeation studies with pure hydrogen

Once connected to the reactor, the membranes were heated in the presence of continuous
nitrogen gas (99.999% purity) supply to bring the system at desired operating
temperature and pressure. After the required temperature was reached, the membranes
were kept under continuous flow of pure hydrogen for nearly 5 hours for complete
reduction and removal of impurities. It is known that bulk diffusion of hydrogen through
palladium is the rate limiting step when pressure exponent “n” i the flux equation
(equation no 5.6) is equal to 0.5 according to Sieverts’ Law. In order to determine the
ideal hydrogen flux for the membranes, experiments were performed using pure H, as
feed with increasing pressure difference. Fig. 5.3 shows that permeate hydrogen flux

through membrane increases with increase in trans membrane pressure difference. The

high thickness of self-supported membrane results in bulk diffusion of hydrogen through
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membrane as the rate limiting step. However, the value of n is found to be 0.5 which
deviates from Sievert’s law exponent value. Since no pin-holes were observed on the
membrane surface, this deviation mainly indicates either rate limitation by
adsorption/desorption or a contribution from other transport mechanisms to hydrogen
flux through the membrane. A maximum hydrogen flux of 0.16 molm?.s was achieved

using pure H as feed with increasing pressure difference.

0.20
{ | =05 at 673 K and pure H, feed
® n=0.55 2 .
0184 A n=06 R’=0.992 R'=0.9926
— { w n=0.65 R"=0.993
" 0.6 < n=07
o~ | —linear fit at n=0.5 "
e —linear fitatn=0.55 R°=0.9915
% 0.14 4 —— linear fit at n=0.6
{ — linear fit at n=0.65 2_
é 0.12 -| — linear fit at n=0.7 R'=0.9933
§ ]
™ 0.10
21 |
L  0.08-
(4]
= |
o 0.06-
= |
| .
o 0.04 4 ]
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Fig. 5.3 Ideal hydrogen flux and recovery of self-supported Pd-Ag membrane with

increasing trans membrane pressures at 673K using pure H, as feed

5.4 Self supported membrane reformer performance studies

Membranes which were reduced under high purity hydrogen for sufficiently long time
(more than 5 hours) were used in membrane reformer or separator for further studies. In

reformer, methanol reforming studies were carried out by using the ‘proprietary’ high
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temperature methanol reforming catalyst, placed in the shell of the membrane reformer as
shown in Fig. 5.2b. In order to determine the membrane reformer performance, the
parameters as defined in Eq. 5.1 to 5.6 were evaluated. Using mass balance, amount of
Hz, CO, COgy, unreacted methanol and water in the reformate mixture at varying feed
compositions, temperature and pressure was also calculated. Experiments were
performed to optimize the following parameters: a) feed composition (varied in the molar
ratio of 1:1 to 1:18 methanol:water) b) temperature (between 623—723K) and c) pressure

(between 3 and 5 bar).

5.4.1 Effect of feed composition

To find the effect of feed composition on performance of membrane reformer,
experiments are performed for different methanol/steam ratio keeping flow rate of the
feed constant. It has been observed that with increase in dilution, increase in conversion
only occurs up to a methanol/steam mole ratio of 1:2.2 as shown in Fig. 5.4a and
thereafter the conversion remains almost constant. In methanol reforming, methanol
adsorbs on the catalyst surface as methoxy species which oxidizes to formate species and
subsequently decomposes into CO, and Hy. Initial increase in conversion with dilution of
methanol was observed due to enhanced hydrogen recovery which occurs mainly because
of shift in equilibrium towards water gas shift reaction thereby producing more H, and
less CO. Further increase in dilution reduces the methanol adsorption on catalyst surface,
thus giving a constant conversion. Thus, increasing water in feed showed a minimal
effect on methanol conversion. Increasing water minimizes the CO content in reformate

largely by reducing the possibility of reverse water gas shift reaction to occur. Thus, with
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increasing feed dilution, for methanol-to-water feed ratio in the range 1:8.9 to 1:18

(molmol), negligible CO production was observed as shown in Fig 5.4b.
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Fig. 5.4 Effect of increasing wate r dilution on a) permeate hydrogen re covery and methanol
conversion at 623 K and 3 bar, b) molar flow rate of CO and CO, produced and c)

theoretical hydrogen per mole methanol and permeate hydrogen molar flow rate
Further, at constant inlet feed rate, increasing methanol dilution decreases the total
hydrogen produced because of decrease in absolute methanol supply. Therefore the trans
membrane pressure difference decreases due to reduction in hydrogen partial pressure in
the feed to membrane. Hence, hydrogen permeation rate through the membrane is also

reduced as shown in Fig. 5.4c. For higher methanol/steam ratio, 1:1.12 to 1:4.4, a large
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gap between permeated hydrogen and the total hydrogen produced was observed due to
the higher concentration of CO and CO; produced. On the other hand, with higher steam
concentrations in feed, decrease in total hydrogen produced results in a smaller gap
between permeated hydrogen and total hydrogen produced. This clearly indicates that the
performance of membrane changes drastically with the feed composition mainly because
of the reformate gas composition (CO and H,QO). To find the effect of CO and CO; on
membrane reformer performance at different operating conditions, all other studies are

performed for 1:1.12 and 1:4.4 methanol-to-water (mol/mol) feed composition.
5.4.2 Effect of temperature and pressure

Steam reforming is an endothermic reaction and hence, increase in temperature enhances
conversion. Fig. 5.5a and Fig. 5.5b show the effect of temperature and pressure on
methanol conversion and hydrogen recovery for the self-supported dense Pd-Ag
Membrane reformer. It can be observed that with increase in temperature both conversion

and recovery increase for both the feed compositions.

Increase in temperature improves hydrogen flux through the membranes as diffusivity of
hydrogen through membrane increases. This corresponds with a typical Arrhenius-type

dependence as shown in Eq. 5.7.

Pey = peHz_O.e(_R—.Ti) (5.7)

where the pre-exponential factor,PeHzo, represents the permeability at infinite

temperature (mol m* s bar®®), E, the activation energy (kJ/mol), R the universal gas

constant (kJ/mol K)and T the temperature (K).
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Fig. 5.5 Effect of reaction temperature and pressure on methanol conversion and hydrogen
recovery using methanol: water 1/1.12, 1/4.4 mol:mol as feed: a) effect of temperature and

b) effect of pressure

Therefore, increase in hydrogen removal at higher temperature shifts the reaction
equilibrium towards products and hence, increases the conversion at both the feed
compositions. For all the temperatures, hydrogen recovery in the case of methanol to
steam ratio 14.4 is higher compared to 1:1.12. This is mainly because for 1:1.12
(methanol/steam) feed composition, high CO formation was observed at elevated
temperatures. Further, increase in pressure enhances the trans membrane pressure
difference, which increases the hydrogen permeation through the membrane. The
continuous permeation of hydrogen from reformate side shifts the reaction equilibrium
towards product thereby enhancing conversion as shown in Fig. 5.5b. Moreover, with
increase in conversion the partial pressure of hydrogen in the feed to membrane remains
high that maintains the hydrogen permeation drive and hence high hydrogen recovery as
well. At 673 K and 0.003 L/min liquid flow rate, the maximum hydrogen recovery
observed in this study was 48% at 5 bar using methanol: water 1:4.4 molar ratio feed. The

203
TH-1764_126107017



results from the present work are compared to those reported by other authors in literature
in Table 5.3. The total CO and CO; produced for both 1:1.12 and 1:4.4 methanol: water
(mol:mol) feed composition is presented in Fig. 5.6a and 5.6b respectively. Fig. 5.6a
shows the total CO and CO; produced for 1:1.12 methanol: water (molmol) feed
composition at two different temperatures (623 K, 673 K) and pressures (3bar, 5bar).
Results clearly show that with increase in temperature, rate of CO formation increases for
methanol to steam ratio 1:1.12. This is mainly because of methanol decomposition at
elevated temperature, which is more prominent in case of higher methanol concentration.
Further, reverse water gas shift reaction also increases the CO formation for 1:1.12 feed
ratio, which can be observed through reduction in CO, formation with increase in
operating temperature for both the pressures. However, for 1:4.4 methanolwater
(molmol) feed composition, Fig. 5.6b shows prominent increase in CO, formation with
increasing temperature. For this feed composition, formation of CO at all the operating

temperatures and pressures is observed to be low compared to feed composition of
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—_— i . 2 . 2 . o y i - SOE~UJ
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Fig. 5.6 Effect ofincreasing temperature and pressure on CO, CO, produced a) with 1:1.12

methanol:water mol:mol as feed and b) with 1:4.4 methanol:water as feed
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This indicates presence of water gas shift reaction at 1:4.4 methanolwater (mol:mol) feed
composition which produces H, and CO,. Hence, hydrogen recovery is higher in case of
diluted feed (1/4.4) compared to high methanol, concentrated feed (1/1.12) mainly
because of low CO content in feed to membrane. However, it should be noted that for the
self-supported Pd-Ag membranes and for both the feed compositions at all the operated
temperatures and pressures, high purity hydrogen was observed on the permeate side.
This shows that the membrane is stable at these operating conditions and can be used at
higher temperatures to achieve almost 100% conversion, which is significantly higher

compared to conventional reformer where typically 80% conwversion is reported.

5.4.3 Effect of excess steam in a membrane reformer

Table 5.4 shows the reformate composition for different methanol-to-steam ratios in the
feed at different temperatures. It shows that CO generation remains low for diluted feed
compositions, which is also reported in literature [19-21]. Fig. 5.7 shows that at each
temperature, the permeate hydrogen flux for feed having higher steam mole fraction is

reduced.

For a constant feed rate, excess methanol dilution reduces the net hydrogen yield (Fig.
5.7). This reduces the trans-membrane hydrogen partial pressure and limits the hydrogen
permeability through membrane. Further, H,O also “adsorbs” at the Pd surface causing
reduction in the active sites where hydrogen dissociation takes place. At higher
temperatures, it has been reported [26] that steam reacts with carbon present on the Pd

surface by the following reaction: H,O + C— CO + Hy. Since inhibition effect of CO
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formed is relatively lesser than steam, steam is also reported to have a cleaning effect.

Once steam is stopped H; flux reverses back to its original state.

Table 5.3 Comparison of methanol membrane reformer performance in the present

work with studies reported in literature

Feed Feed T P System Sweep X HR H, Flux Ref
Ratio (K) (bar) Integration Gas (%) F (mol/
(mol/ (cm®/s) (%) m’s)
mol)
Water 45/1 623 1.3 Pd membrane 0.5 83 50 0.05 [8]
/ with  Ru-alumina
metha catalyst
nol
Water 1.2/1 473 2 Pd-Ru-In self - 0.16 88 20 -nil- [18]
/ supported
metha membrane  with
nol Cu/Zn/Alumina
Water 25/1 573 15- 7pm thick -nil- 85 >40 -nil- [22]
/ 2 Pd/alumina
metha membrane  with
nol CU/ZHO/A|203
catalyst
Water 5/1 573 1.3 50pm thick Pd 0.0012 100 8 0.024 9]
/ membrane  with
metha CuwzZn/Mg-
nol alumina catalyst
Water 3/1 573 3 50pm thick Count ~ 40  -nil [24]
/ Pd/Ag er 80
metha membrane  self- flow
nol supported  with SF=1.
CWAlZn/MgO 1
Wate 4.42/1 673 3 100 um thick 7 Nil >90 43 0.05 This
r/ Pd-Ag self - work
Meth supported
anol membranes
with
proprietary
catalyst
(ME_100®)
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Thus, to avoid such differences in flux, feed with 1: 2.2 molar ratio of methanol: water

may be used which shows negligible steam dilution effect on hydrogen flux with

increasing temperature. This feed composition therefore can be considered as a relevant

trade-off between recovery and flux for enhanced membrane reformer performance.

Permeate Hydrogen Flux (mol/m®.s)

TH-1764_126107017

0.10
| A hydrogen flux with methanol: water 1:1.12 mol:mol
0.09- @ hydrogen flux with methanol: water 1:2.2 mol:mol
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Fig. 5.7 Effect of steam on permeate hydrogen flux
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Table 5.4 Composition of product reformate mixture (in mole %) produced with

methanol: water ratio of 1:1.12, 1:2.2 and 1:4.4 (mol: mol) at different temperatures

(calculation based on wet reformate basis)

Temperature (K) 1:1.12 Methanol:water feed composition (mol:mol)

H, CcO CO; Methanol Water
623 66.7 8.9 19.8 0.2 10.2
673 65.7 8.8 16.0 3.0 6.5
723 67.4 11.3 16.8 0.5 4.0

1:2.2 Methanol:water feed composition (mol:mol)

Temperature (K)

H, CO CO;, Methanol Water
623 54.8 4.9 171 0.7 22.5
673 57.0 5.8 16.0 1.9 19.3
723 61.0 6.6 171 0.4 14.8

1:4.4 Methanol:water feed composition (mol:mol)

Temperature (K)

H, CO CO;, Methanol Water
623 339 19 11.2 1.33 51.6
673 45.0 2.2 13.0 0.8 39.0
723 52.0 2.4 14.8 0.4 30.0

TH-1764_126107017
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Fig. 5.8 shows Arrhenius plot of permeate flux measured at three different feed
compositions. A linear fit was made to the data in Fig. 5.8 to calculate the activation

energies by applying the Arrhenius equation.
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Fig. 5.8 Effect ofincreasing steam in the feed on activation energy of hydrogen permeation

through Pd-Ag membrane

It is observed that the value of activation energy increases with increasing feed dilution.
The higher value of activation energy suggests that rate controlling step shifts from bulk
diffusion to surface chemisorption. Therefore, the observed decrease in permeate
hydrogen flux in Fig. 5.7 may be caused primarily due to excess dilution. To verify this
hypothesis, both membrane reformer and separator were compared. The separator
performance was evaluated using a feed mixture having similar composition as that of the

reformate gas in the membrane reformer at optimal operating temperature and pressure. It
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should be noted that in the membrane separator study, steam and unreacted methanol are
not considered as these condensable gases can be easily separated before the reformate

mixture is fed to the standalone membrane separator.

5.4.4 Membrane reformer vs. membrane separator

In the membrane separator, effect of feed composition on performance of membrane as a
standalone separator was studied. Four different feed compositions, namely a) pure H, b)
74H2:26N> (mol/mol) ¢) 50H2:50N, (mol/mol) and d) 50H,:30N»:18C0,2CO (mol/mol),
are used at a temperature of 673 K and pressure of 3 bar. In cases (a), (b) and (c), partial
pressure of hydrogen is changed to evaluate the membrane performance as a separator
when used at different feed compositions. It is well known that N, has no inhibition effect
on Pd-Ag membrane. Therefore, N is used as an alternate gas to prepare the mixtures of
different composition. In cases (c) and (d), hydrogen mole fraction is kept constant so
that partial pressure of hydrogen in the feed to membrane remains same for both the
cases. This will enable us to find the effect of CO and CO; inhibition in case of
membrane separator. The composition of gases in case (d) is maintained the same as that
of the reformate gas composition when reaction is conducted at the same temperature and

pressure in conventional reformer.

Fig. 5.9 shows the direct comparison of membrane separator performance with
membrane reformer when both are operated at same temperature, pressure and inlet feed
composition. The only difference is that in case of membrane reformer reaction and
separation occur simultaneously in same vessel while in case of membrane separator

these operations are performed in different vessels. In Fig. 5.9 starting from the left, it
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can be observed that in the case of membrane separator, increasing the dilution of
hydrogen reduces the partial pressure of hydrogen in feed to the membrane which
reduces the hydrogen permeate flux. However, when CO and CO; are introduced in the

feed keeping hydrogen fraction constant, marginal decrease in flux is observed.
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99.2

98.8 Membrane Separator Membrane Reformer

98.4 i
98.0

S 0.125
01004 = - i
0.075 ' m

0.050 . LI " .

0.025 B permeate H2 flux i
: = H, purity in permeate '
0.000 - T T T T T T T
pure  70H/ 50H/ 50H/ 65.7H/ 57H,[ 45H,/

Hy 30N, 50N, 30N/ 16.0CO/ 16CO,/ 13CO/

18C0,/8.8CO/  5.8CO/ 2.2CO/
2co0 6.5H0/ 19.3H.0/ 39H,0/

3.0 MeOH 1.9 MeOH 0.8 MeOH
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Fig. 5.9 Membrane Separator vs. Membrane Reformer: Effect of Steam, CO and CO,

This indicates that at the operating temperature of 673 K, CO and CO, have minimal
inhibition effect on permeate hydrogen flux in case of membrane separator. In the present
study with membrane separator, negligible CO inhibition to hydrogen permeation was
observed with ~8.8% CO in feed for self-supported dense Pd-Ag membrane at a
temperature of 673K. This inference is in agreement with the reported literature where
Peterson et al. [27] have found no CO inhibition for 200 pm thick Pd membrane at 553 K
for up to 5% CO concentration in feed. Further, on comparison of membrane separator

with membrane reformer for the same membranes, it was observed that the presence of
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steam in reformate causes only a marginal decrease in hydrogen flux from 0.07 to 0.05
mol/m?.s. Continuous permeation of hydrogen in a membrane reformer not only
maintains the forward reaction but the diluted reformate stream also negates the
occurrence of concentration polarization. Therefore, owverall membrane reformer
performance is either equivalent or even better than that of a membrane separator having
comparable hydrogen purity. Therefore, it can be concluded that membrane reformer is
indeed an advantageous system for on-board generation of ultra-pure hydrogen in a
compact single assembly. Membrane reformer integration lowers the thermodynamic
requirements of the reaction to attain complete conversion and therefore minimizes the
energy requirements. However, the effective operation of a membrane reformer depends
on finding a suitable trade-off between reaction and membrane separation, so as to
operate the reformer at optimal condition. In the present study, effort has been made to
find suitable operating condition for the self-supported Pd-Ag membrane reformer. On
the contrary, membrane separator (Sequential integration of reactor and separator)
provides operational flexibility at the cost of reduced conversion. Further, the installation
cost of membrane separator is relatively high due to increased assembly requirement and

it makes the overall system bulky.
5.5 Design of a PSS supported membrane reformer

In-house’ prepared Pd-Ag membranes supported on PSS were integrated with Cu-Fe
supported on AZZ catalyst in an in-house designed packed bed membrane reformer. The
reaction was carried out with S/M 3 at 573-723 K and 1.8 bar feed pressure. Further, a
total 30 gm of catalyst was used and mixed with quartz twice in mass. Membrane

reformer integration was performed with single membrane as well as four membrane
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assembly. Further, with the four membranes assembly effect of baffle on the membrane

reformer performance was also investigated.

Fig. 5.10 shows the photograph and schematic of the system used for single membrane

integration study. The inner diameter of single membrane MR was 6 cm.

Fig. 5.10 Membrane reformer without baffle

Catalyst mixed with quartz was placed at the bottom of the reactor and membrane was
placed on the top of the catalyst bed as shown in Fig. 5.10). The reactor temperature was
maintained through the external furnace by using PID controller and reactor pressure was
maintained through the back pressure regulator which was placed in outlet line. The feed
was pre-vaporized before entering in to the membrane reformer.
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Further, four membrane integration was performed with the same amount of catalyst and
operating conditions in the membrane reactor 14.5 cm inner diameter. Two different
integration assembly namely, single pass and multi-pass, was studied to achieve the
maximum hydrogen recover and flux and to determine the effect of baffle in case of
membrane reformer The arrangement used for the four membrane integration (single and
multi-pass assembly) was selected based on the best membrane arrangement identified in
the multi-pass separator detailed in Chapter 3. Fig. 5.11 (a-b) shows the membrane
reformer used for four membrane assembly. In the four membrane assembly integration
study, for both cases (single and multi-pass), catalyst was placed in the inlet zone where
the inner diameter was approximately 5 cm. Further, to observe the effect of baffles on
membrane reformer performance, the first case was run with four membranes placed
directly on top of catalyst while in case 2 the two-two membranes were placed on each
side of the baffle and catalyst was placed at inlet zone which is separated by another

baffle as shown in Fig. 5.16..
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Fig. 5.11b Image of the membrane reformer set up with pre -evaporator and gas supply
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5.5.1 Supported Pd-Ag single membrane single pass MR performance

In-house membrane reformer performance was determined with varying pressures and
temperature. Fig. 5.12 shows hydrogen flux and recovery at constant temperature of 573
K and increasing retentate gauge pressure from 0.5 to 1.2 bar. Increased pressure
difference is the driving force to enhance hydrogen permeation. Increased hydrogen
permeation causes the reaction to shift forward as discussed in section 5.4.2. Further, Fig.
5.12b shows the effect of temperature on the methanol conversion and hydrogen recovery
using PSS supported Pd-Ag membrane. As discussed in section 5.4.2, increase in
temperature results in enhanced methanol conversion thereby resulting in higher

hydrogen partial pressure on the feed side of the membrane.

T -
s 100
s 2> i ™ H,recovery |at S/M 3, GHSV 9000h™
w5 804 @ Hflux at 350°C
- 9 1 & Conversion A
ES 60 -
S A
L5 B — ) ]
3 & 404
c 0o ] |
% T 20
- 1l =
0.147
@ 012
£ 0.104 o
= ]
g 0.081 P
* 0.06
= 0.04]
~0.02 4
- ] °
0.00 T b T J T g T : T
0.4 0.6 0.8 1.0 1.2

Feed Pressure (bar)

216
TH-1764_126107017



100
90 | at S/M molar ratio 3,
80 ® H, flux pressure difference 1.2 bar
70 -
60
50 - m
40
30

B H, recovery

H
Recovery (%)

A\

0.4

2

H
Flux (mol/m".s)
@]

03- o
0.2+

014 @

0.0 - 1 v I & & &~ 1 %~ ~ I 5 1 v I 39
560 580 600 620 640 660 680 700 720 740
Temperature (K)

Fig. 5.12 PSS supported Pd-Ag membrane performance: a) Effect of pressure and b) Effect

of temperature

The enhanced hydrogen partial pressure difference, with increase in temperature due to
higher conversion, improves hydrogen recovery. Further, the obtained conversion in MR
was higher for the same catalyst and sane operating condition compared to the
conventional reactor shown in chapter 4. Hence, integration of hydrogen-selective
separation with reformer resulted in higher methanol conversion with increasing
pressures as well as temperature. This resulted in a maximum methanol conversion up to
95% and hydrogen recovery up to 75 % using a single membrane at 450°C. Comparison
of methanol conversion vs. Hy flux for MR containing PSS-supported Pd-Ag membranes
is shown in Fig. 5.13. It can be observed that higher is the flux better is the conversion
which forms the basis of membrane reformers. Further, methanol conversion vs. Ha/Ar

selectivity was also compared between Pd-Ag membranes supported on PSS with self-
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supported membrane shown in Fig. 5.14. Hydrogen selectivity for both membranes were

observed similar under increasing temperatures as well as pressures.
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5.5.2 Supported Pd-Ag multiple membrane MR performance: with single and multi-

pass

Membrane reformer run in this section was carried out for four membranes with two
assemblies: a) single pass and b) multi-pass. In both the cases, catalyst mixed with quartz
was placed in the inlet zone of the reactor. The pictorial representation of membrane
placement for both the cases is shown in Fig. 5.15. A schematic representation of the
same is presented in Fig. 5.16. Hydrogen recovery for both the designs was compared. It
should be noted that catalyst lies in the inlet zone (see Chapter 3, Fig. 3.2). Hence, in
single pass assembly, the first two membranes lie directly above the catalyst in the same
inlet side and the other two membranes at the center. Hence, this arrangement more so
depicts the case Il mentioned in Chapter 3, Fig. 3.10a. Further, in multi-pass assembly,
catalysts remain at the same inlet side while the membranes are connected at the center

(two on both sides of the baffle).
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Fig. 5.15 Membrane reformer arrangement a) membrane with no baffle and b) membranes

with baffle

Thus, the membrane arrangement in multi-pass assembly of Fig. 5.15 depicts the case |
mentioned in Chapter 3, Fig. 3.10a. The results observed with Fig. 5.17 clearly indicate
that hydrogen recovery in case of multi-pass membrane reformer is higher compared to
single pass membrane reformer. This is because of the better contacting and enhanced
contact time achieved in case of multi-pass membrane reformer compared to single pass
membrane reformer due to presence of two extra baffles and the multi-pass membrane
reformer design results in 80% hydrogen recovery. However, the recovery was slightly
less compared to the case when same four membranes were used in a multi-pass

membrane separator. The recovery in multi-pass membrane separator case was 61.86%.
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The marginal reduction in recovery can be attributed to excess steam which dilute the
reformate feed and reduces the hydrogen partial pressure. Permeate hydrogen flow rate
with multi-pass membrane reformer was observed 0.92 LPM. Further, in comparison
with commercial membrane reformer ME-100® (that consists of nearly 7 self-supported
membranes in its assembly) the hydrogen recovery with in-house designed multi-pass
MR (with 4 supported Pd-Ag membranes on PSS) was much higher. Moreover, it should
be noted that even with single pass the four membrane assembly of Pd-Ag supported on
PSS performs at par with the ME-100®. Therefore, in-house designed multi-pass
membrane reformer with supported Pd-Ag membrane in current study performs better

than commercially available membrane reformer for the same output.

Me-100°
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Y A
Y C A
& &L
&P &L
&P &L
Out In Out

Fig. 5.16 Schematic of membrane reformers tested
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Fig. 5.17 Comparative membrane reformer pe rformance using membrane with and without
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5.6 Summary

In this chapter, membrane reformer performance was analyzed using a
a) Self-supported Pd-Ag membrane
b) PSS supported Pd-Ag membrane

Further, a comparison of MR performance using both was performed using a multi-pass
(baffle) membrane reformer designed in-house. Baffles allowed determining the effect of
multi-pass on MR performance with respect to hydrogen recovery. It is noteworthy that
high hydrogen flux and high recovery are two crucial parameters that determine the

efficiency of MR. The following are the conclusions drawn from this chapter:
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» Performance of membrane reformer was studied using varying feed ratios of
methanol: water (1:1.12 to 1:18), temperature (623-723 K) and pressure (3, 5 bar) for
100 pm thick self-supported dense Pd-Ag membrane. The maximum hydrogen
recovery with this study was observed to be ~48% with 0.05 mol/m?.s permeate H,
flux at 673 K temperature and 3 bar pressure for 1:4.4 methanol: steam molar ratio of
feed.

» The performance of self-supported Pd-Ag membrane reformer was compared with
membrane separator (Sequential integration of reaction and separation unit). No
significant inhibition of CO and CO, was observed on the performance of membrane
for both membrane separator and membrane reformer. However, effect of excess
steam was observed which reduces the hydrogen flux due to dilution of feed to
membrane but causes no inhibition to hydrogen permeation by Pd-Ag membrane.

» On comparison of membrane reformer with membrane separator, it was observed that
permeate hydrogen flux in the membrane reformer for a range of hydrogen mole
percentage in the reformate mixture (65.7 to 45) remained nearly equivalent to the
hydrogen flux in the separator. This confirms that membrane reformer performance is
largely dominated by the membrane performance. Further, hydrogen purity also
remained comparable for both the systems.

» Effect of temperature and pressure on the performance of supported Pd-Ag membrane
reformer was evaluated. It was found that conversion in case of membrane reformer
with single membrane was higher compared to the conventional reactor used in

chapter 4.
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» With single pass single membrane, MR 53% hydrogen recovery was observed which
enhances significantly by increasing the number of membranes.

» The performance of supported single pass and multi-pass membrane reformer was
compared. It was observed that performance of multi-pass membrane reformer was
higher compared to single pass membrane reformer. Further, newly designed multi-
pass membrane reformer was compared with commercially available membrane
reformer (ME 100). It was observed that performance of multi-pass membrane
reformer with 4 supported membrane was better compared to commercially available
membrane reformer with 7 self-supported membranes.

The maximum flow rate obtained with the current work was 0.92 LPM using 4 Pd-Ag

membranes supported on PSS and Cu-Fe catalyst supported on AZZ.
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5.7 Notations

A Area of membrane, m?

Hydrogen mass flow rate at the permeate side, kg/h

H2,permeate

Hydrogen mass flow rate at the waste/retentate side, kg/h

HZ,waste

Ju, Hydrogen permeate flux, mol/m?.h
nCO; Molar flow rate of CO, in reformate, mol/h
nCO Molar flow rate of CO in reformate, mol/h

nCHsOH Molar flow rate of CH3sOH in reformate, mol/h
NH2, permeate  Molar flow rate of H, in permeate, mol/h

P%f,permeate Partial pressure of hydrogen in permeate, n=0.5

p%g'retenme Partial pressure of hydrogen in retentate, n=0.5

Mass fraction of hydrogen in permeate

HZ,permeate
Hy yaste Mass fraction of hydrogen in waste/retentate
6 Membrane thickness
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Chapter 6

Conclusions and Recommendations

6.1 Conclusions

The objectives of the current thesis was to integrate methanol steam reforming with
palladium based alloy membranes into a single unit called as membrane reformer for the
power generation once combined with PEM fuel cell. The key parameter was to
synthesize and optimize the catalyst performance in order to achieve minimal CO
selectivity. In order to achieve the same, various mono-metallic and bi-metallic catalysts
were synthesized, characterized and tested. The performance of the catalysts was
optimized at variable conditions to achieve maximum hydrogen yield and minimum CO
selectivity. To separate the ultra-pure hydrogen, as per the requirement of PEM fuel cell,
from the produced reformate mixture palladium based membranes were used. Supported
Pd-Ag membranes were prepared on porous SS and porous ceramic supports. The
performances of both the membranes were optimized to achieve high purity, maximum
recovery and high flux. Further, the performance of supported membranes was compared
with the performance of commercially available self-supported Pd-Ag membranes. An
‘in-house’ membrane separator unit was designed by itroducing baffles to enhance the
recovery and flux of hydrogen through permeates line. Finally, both reaction (catalyst)
and separation (membranes) were integrated to design a ‘single pass’ and ‘multi-pass’
membrane reformer for enhanced conversion, recovery and flux. The performance ‘in-
house’ designed single pass and multi-pass membrane reformer was compared with
commercially available self-supported membrane reformer. It was found that ‘in-house’

designed four membrane based multi-pass membrane reformer provides better recovery
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and flux compared to commercially available seven membrane based membrane
reformer. The individual summary of each chapter is presented at the end of the chapter

to elaborate detailed finding. The broad conclusions of the thesis are as follows:

v' Membrane composition was optimized by systematic synthesis, characterization and
testing of palladium based membranes such as a) pure Pd, b) 90%Pd-10%Ag and c)
90%Pd-8%Ag-2%Au on porous alumina using electroless deposition. For the
addition of siver and gold, sequential electroless deposition and galvanic
displacement respectively was performed. All membranes developed were tested up
to 2 bar using bubble point method for the extent of densification. Optimal hydrogen
permeability using Pd-Ag membranes was observed. The same composition was then
deposited on to porous SS support and tested. Maximum hydrogen permeation using
Pd-Ag membrane on PSS was established. Higher membrane surface area on PSS and
larger pore size of PSS in comparison with porous alumina resulted in an improved
hydrogen permeation. Further, the brittle nature of porous alumina also hindered its
connections with SS fittings and therefore was only used for preliminary optimization
of membrane composition.

v" Enhancement in hydrogen recovery using the developed Pd-Ag membrane on PSS
was then established using an ‘in-house’ designed multi-pass membrane separator.
Gas permeation testing was performed with 50H,: 50N, (viv) and
50H:30N2:18C0,:2CO (v/v) as feed at optimized temperature, pressure and GHSV.
Modular assembly of longitudinal baffles in the multi-pass membrane separator
allowed determining single membrane performance change by changing its location

inside reactor shell (inlet, center and outlet). Using self-supported commercial Pd-Ag
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membranes, hydrogen recovery was identified higher at center than the inlet and
outlet zone. Further, using six different arrangements of four membranes set, the best
design for a high throughput membrane separator was established. Using the multi-
pass membrane separator, nearly 2-3% improvement in hydrogen recovery was
determined using single membrane whereas up to 33% improvement was observed
with the multiple membranes.

v Finally, the performance of prepared supported Pd-Ag membranes (both on porous
SS and porous alumina) were compared with commercially available self-supported
membranes in a single pass and multi-pass membrane separator. Both porous SS and
porous alumina supported membranes give higher flux compared to self-supported
membranes in both single pass and multi-pass membrane separator. Among the
porous SS and porous alumina supported membranes, porous SS supported
membranes provide maximum flux due to enhanced surface area.

v" Methanol steam reforming activity for different mono-metallic as well as bi-metallic
catalysts was determined with effect of temperature, S/M ratio and W/F. Minimal CO
selectivity at high temperatures (up to 400°C) was obtained using Cu-Fe supported on
AbO3-Zn0-ZrO,. Characterization of this catalyst using TPR and XRD exhibited a
shift which indicated alloy formation. This was also confirmed using TEM that
showed a much reduced metal particle size in comparison to mono-metallic Cu and
Fe catalysts. Using DRIFT study no adsorbed CO was observed. Stability in methanol
conversion was also established up to a period of 100 hrs.

v The best performing Cu-Fe supported on AZZ catalyst was integrated with Pd-Ag on

PSS membrane in and in-house designed membrane reformer unit to conduct the
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membrane reformer study. Membrane reformer performance was tested for single and
multi-pass assembly by using synthesized catalyst and prepared supported membrane.
Further, ‘in-house’ designed membrane reformer performance was compared with
commercially available self-supported Pd-Ag membrane reformer ME-100°.

v" Hydrogen selectivity of prepared PSS supported membrane was at par with
commercially available self-supported membrane for both increasing temperature and
pressure and almost remains same for all the conditions.

v' It was observed that hydrogen recovery increases with increase in number of
membrane for same conditions. Further, multi-pass membrane reformer performance
was significantly higher compared to single pass membrane reformer. Hence, multi-

pass membrane reformer can be opted for possible integration and scale-up studies.

6.2 Recommendations and future directions

v" In order to enhance the hydrogen separation efficiency, it is vital to fabricate thinner
membranes. However, with electroless deposition methodology, it is extremely
challenging to produce a thinner and dense Pd-alloy membrane unless the support
characteristics and its pore network are controlled. Use of deposition tools such as
physical vapor deposition (PVD) and chemical vapor deposition (CVD) may be
investigated for the fabrication of thinner and dense Pd films. Further, a hybrid
deposition methods based on combination of two or three techniques, like CVD
followed by electroless deposition or PVD followed by electroless deposition, can be

used for effective densification.
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v' The surface morphologies of the porous SS support (PSS) used in the current study
showed very large pore size distribution. Despite controlling the pore structure with
‘in-house’ prepared pre-defined particle size yttria stabilized zirconia (YSZ), a
significant benefit to achieve thinner Pd-alloy membrane was not observed. Further,
in case of alumina the challenge was to connect the ceramic with SS fittings and
make it leak proof. Despite using graphite ferrules, obtaining an absolute leak proof
connection was observed to be a trial and error based success along with huge losses.
Hence, it is highly recommended to look for optimization of support structure which
is the core of these deposition methodologies. It is advisable to develop porous
structure in-house with a controlled pore size and network. Further, materials such as
zirconia-alumina alloy composites may also be investigated in the development of
same.

v' For future directions, catalysts with higher reactivity at low temperatures may be
investigated. Further, Fe as promoter can also be further investigated to demonstrate
differences in activity with varying catalysts formations such as hetero-atom, alloy,
inter-metallic and core shell. Moreover, catalysts performance with increasing
pressures needs to be investigated as the product selectivity may change with pressure
that affects the membrane reformer integration.

v Finally, ‘multi-pass membrane reformer’ arrangement is recommended for the future

integration and scale-up studies.

235
TH-1764_126107017



Appendix A

Atomic Absorbance Spectroscopy (AAS) for Standard

Solutions

The calculation for the amount of metal deposited was performed after the calibration

graph for pure metal with known concentration was generated as shown in Fig. Al. The

sensitivity of the AAS instrument is high if the metal concentration is below 100 ppm.

Hence, during deposition, 0.1 mL sample was

collected for multiple cycles and were

analyzed with AAS using dilution factor of 100. An example of the calculation done is

shown in Table Al below
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Fig. Al Standard Pd, Ag and Au solution calibration graph
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Table Al Example for Calculation for AAS

. . i . Cumulative .

Z;;TZ) Sample  Absorbance df* zc;;tentratlon of Pd g;)r)]versmn Ilia)(iposite q ?Jte): (Cm%f ;I;lhrlnc)kness
mg/50mL in my
INITIAL 0.7677 100 6141.6 307.08 28.3 0
30 T1 0.5057 100 4045.6 202.28 34.13 104.8 28.3 3.114
60 T2 0.3979 100 3183.2 159.16 48.17 147.9 28.3 4.396
90 T3 0.2186 100 1748.8 87.44 71.53 219.6 28.3 6.527
120 T4 0.1885 100 1508 75.40 75.45 231.7 28.3 6.885
150 15 0.1653 100 13224 66.12 78.47 241.0 28.3 7.161
Cumulative Thickness 28
*Here df stands for dilution factor
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Chandigarh, India, 27-30 December, 2014.

e “A Comparative Study of Integration Approaches mn a Palladum Membrane
Reformer for Ultra-Pure H; Production” Richa Sharma, Amit Kumar, Rajesh K.
Upadhyay, 4" International Hydrogen & Fuel Cell Conference, AGRA 6-8 December
2015.

e “Integration Approaches in a Palladum Membrane Reactor for Ulra-Pure H;
Production” Richa Sharma, Amit Kumar, Rajesh K. Upadhyay, CHEMCON 2015,
Guwahati, India, 27-30 December, 2015.

e “Methanol fed On-board Hydrogen Generator: Design, Material Synthesis and
Integration”, Richa Sharma, Amit Kumar, Rajesh K. Upadhyay, 3rd INDO
GERMAN WORKSHOP, Guwahati, 23-26 February 2016. (Awarded 2" Prize)

e “Hydrogen separation using dense supported palladium membranes in a multi-tubular
in-house membrane reactor”, Richa Sharma, Amit Kumar, Rajesh K. Upadhyay,
SESTEC 7, Guwahati, 17-20 May 2016. (Best Paper Award)

e ‘“Palladium Based Membrane Separator for Generation of Ultra-Pure Hydrogen:
Design, Preparation and Testing”’, Richa Sharma, Amit Kumar, Rajesh K. Upadhyay,
SESTEC 7, Guwahati, 17-20 May 2016. (Invited talk)

e “Generation of H, for 200W PEM Fuel Cells from supported Cu-Fe based Catalysts
using Membrane based Methanol Steam Reforming” Richa Sharma, Amit Kumar,
Rajesh K. Upadhyay, ACS-On Campus, Guwabhati, January 2017

e “Low Temperature Methanol Steam Reforming using Cu-Fe Bi-metallic Catalysts”
Abstract Accepted-Oral Presentation” Richa Sharma, Amit Kumar, Rajesh K.
Upadhyay, Camure-10 and ISMR-9, Qingdao, China, July 7th-10th 2017. (oral
Presentation)
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e “Production of High Purity Hydrogen through Methanol Based Membrane Reformer”
Richa Sharma, IIChE Lecture at Assam Engineering College (AEC) August 2017,
Guwahati (Invited Talk)

Conferences Accepted

e “Integration of Synthesized Catalysts and Membrane in Packed and Fluidized Bed

Membrane Reformer for Production of Hydrogen through Steam Reforming” Richa
Sharma, Amit Kumar, Rajesh K. Upadhyay, 17 AIChE Annual Meeting,
Minneapolis, USA, 29th Oct-3rd Nov, 2017.

* “Membrane Reformers: Optimization of Catalysts and Membranes for Production of
Ultra-Pure Hydrogen through Steam Reforming of Methanol” Richa Sharma, Amit
Kumar, Rajesh K. Upadhyay, 17 AIChE Annual Meeting, Minneapolis, USA, 29th
Oct-3rd Nov, 2017.

Date: 14-05-2018

Place: IT-Guwahati Signature
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